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Abstract

The objective of this thésis to investigate the effects of applied bed mixing and vapor phase
residence time on the thermal cracking of agglomerating andéhgglomerating feedstock.
Bitumen thermal cracking was investigated using a novel Mechanically Fluidized Reactor
system ad a pilotscale Fluid Coking Reactor. Bed mixing and vapor residence time were
studied to determine their impacts on agglomerate distributions, yields, and the quality of
liquid product. Birchwood pyrolysis was investigated using a fluidized bed reactor to
determine the impacts of partided mixing on the pyrolysis of a n@gglomerating

feedstock, to provide contrast to the agglomerating bituoo&e system.

It was observed that applied bed mixing destroyed agglomerates and dispersed the trapped
reacting feedstockamong smaller fragments, leading to reductions in coke yield and
increased liquid production. Applied bed mixing resulted in lower viscosity, lovadecular

weight liquid product at short vapor phase residence times. Prolonged vapor phaseeesid
times facilitated the cracking of vapors into rmndensable gas, while increasing the
concentration of more refractory, highascosity, highemmolecular weight components in

the liquid product. In addition, it was determined that the use of anfpeystem which
disperses noeagglomerating biomass upon injection, in conjunction with a fluidized bed
pyrolyzer, is an effective system and enhancing pattedestock mixing further provides no

additional benefits for pyrolysis.

Keywords
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Chapter 1

1 Introduction

In 2013, Alberta Energy Regulator estimated remainingitin and mineable crude
bitumen reserves of6l.2 billion barrels in Alberta. Initially established reserves in the
region have only experienced 5.4 % of commercial production capacity within the past 50
years. Alberta remains Canada's largest contributor of oil production, with upgraded and
nonupgraded bitumen consisting of 56% of Canada's oil and equivalent production in
2013. With Canada's proven oil reserves estimated to be the third largest in the world,
coupled with unconventional oil resources considerably exceeding conventional oll, it is
anicipated that bitumen upgrading will continue to represent a significant portion of
worldwide petroleum productiofTeare, Cruickshank, Miller, Overland, & Marsh, 2014)

The depletion of worldwide conventional oil resces in recent years has led to a
growing interest in unconventional resources including bitumen and biomass. The
abundance and availability of these resources have fueled significant research and

development into fuels from alternative resources.

Historically, conventional light crude oil reserves have been a major contributor to
worldwide petroleum production. However, their ubiquitous use has lead to a shift
towards unconventional oil resources such as bitumen and heavy and extra heavy crude
oil (Shah et al., 2a). Alberta's oil sands contain a mixture of sand, clay, water and
bitumen, approximately 18% of which can be processed throughppemning. The
remaining 82% of proven bitumen reserves are recoverable throegjtu iprocesses

such as cyclic steamistulation, steamassisted gravity drainage, and other emerging
enhanced oil recovery technolog{@hah et al., 2010; Teare et al., 2014)

Bitumen is a complex mixture of higholecular weight aromatic hydrocarbons which
exhibits ahigh viscosity and sensolid state. It is characterized by relatively high levels

of impurities such as nitrogen and sulphur heteroatoms, and metals such as nickel,
copper, and vanadiufiHammond et al., 2003After extraction, bitumen is typically fed

through atmospheric and vacuum distillation to recover distillable fractions which can



then be upgraded separately through hydroprocessing. Thdistlable fractions of
bitumen and heavy crudes are referred to as "bettiothe-barrel” residues that reqgeir
significant processing in order to attain useful fuels. Delayed Coking and Fluid Coking€
are the most common unit operations applied to these regido€affrey, Hammond, &
Patel, 1998; Speight & Ozum, 200BDelayed coking units and Fluid Coking reactars
capable of accepting a wide variety of feedstocks including atmospheric and vacuum
topped bitumen which are far too heavy for other equipment to process effectively. The
majority of impurities present in coker feeds are rejected into the solid cokieqgby
nevertheless, impurity levels in coker naphtha and gas oils warrant further upgrading
processes such as hydrotreat{iitapmmond etal., 2003; McCaffrey et al., 1998The
Syncrude operation involves hydrotreating andblending of coker naphtha and gas oils

to produce a light, sweet synthetic crude that is transported to refineries in Canada and

the United States for further refirg into petroleum products.

1.1 Fluid Cokinge

Fluid Coking€ is a noncatalytic carbon rejection process that is utilized to convert
"bottom-of-the-barrel” residues into more valuable light and middle distillates. The
process involves the main reactor, strigpand scrubbing sections, as well as a burner
unit. The reactor section consists of a fluidized bed of hot coke particles into which
bitumen is injected for thermal cracking into loweolecular weight compounds. The
scrubbing section is situated on top thie reactor and cools the product vapors,
effectively recycling heavier components back to the reactor while allowing lighter, more
valuable products to ex{McCaffrey et al., 1998)The stripping section is employed to

strip hydrocarbons from the surface of the bed coke in order to minimize hydrocarbons
carry-under to the burner vessel. The burner vessel is a fluidized bed in which coke is
partially combusted ith oxygen to generate the heat requirements to sustain the
endothermic cracking reactions. Hot coke is then recycled back to the reactor to complete
the mass balance and continue the process while excess coke is quenched and stockpiled
for future usgHammornl et al., 2003)

The reactor operates in the range of 510 to 565 °C, with maximum liquid yields occurring

in the range of 51630°C(Gray, 2002) Pressures are maintained close to atmospheric as



this favorsvaporization of the product, however, in order to force the vapors through the
scrubber and fractionator with greater ease, vapor pressures are typically ardund 1
atmospheres gauggsray, Le, & Wu, 2007; Pfeiffer, Borey, & Jahnig, 1959)he
fluidized bed uses petroleum coke as a heat carrier as this provides very effective heat
transfer to the incoming bitumen feed, allowing thera cracking reactions to occur
within the required timefram@Gray, 2002) The average bed particle size is in the range

of 75 to 500 micron, ideally in the range of 150 to 300 microns. Particles below 40
micron tend to agglomerate with each other, while larger particles result in defluidization
issues. Stripping and atomization steam are injected at the rate of 6 to 15 wt% of the
liquid feed to the reactofPfeiffer et al., 1959)Given the size of the equipment, this
results in vapephase residence times in the range of 15 to 30 seconds depending on
where the vapors are liberated in the fgpleight, 1998)

In terms of geometry, the stripping section is the smallest component of the Fluid Coker.
The stipper is approximately 1.2 m in diameter, and occupies the lower 3 m of the
reactor height. The stripper has the smallest esestion, as high superficial velocities

are required to facilitate hydrocarbons stripping. Above the stripper, the main reactor
section is comprised of an inverted cone and a cylindrical section with a maximum
diameter of around 3.35 m. As the volumetric flowrate of vapors increases with height,
the increasing crossection of the reactor zone allows for superficial velocity ttéld
approximately constant across the entirety of the reactor. The main reactor section has a
height of 15 m; giving a total fluidized bed height (including stripper) of 18 m. The
reactor section then tapers off to form the disengagement zone. Theadesehgight is

6 m in order to accommodate cyclones and minimize solids entrainment into the
scrubber. The reduced diameter of the disengager is designed to accelerate vapors and
decrease the vapor phase residence time. The diameter further reducesciutiber

which extends for up to 12 m to accommodate product fractionation. The burner vessel
on the side of the reactor is of comparable diameter to the main reactor, with a height of
around 10 n{Pfeiffer et al., 1959)

Bitumen isinitially preheated in the range of 200 to 400 °C to reduce the viscosity and

minimize the energy requirements of the reaf®eiffer et al., 1959)Bitumen is mixed



with atomizing steam and injected into the fluidized bed viseaes of atomization
nozzles. In order to achieve uniform dispersion of liquid on the coke particle¥) 70
injection nozzles are located at varying heights and circumferential pogitiagapadi,

2004) The shear forces created at the nozzle tip break the bitumen into small droplets.
Ideally, the droplets are dispersed evenly and coat individual coke particles in a thin film,
however it is often observed that agglomeration acethin the reactor through various

means(Gray, 2002) Bitumen undergoes thermal cracking reactions due to heat transfer

Figure 1-1 - Fluid Coking Reactor”

! Reprinted from Powder Technology, 186, House, P. K., Saberian, M., Bdehs Berruti, F., & Chan,

E., Effect of spray nozzle design on ligtsdlid contact in fluidized beds, &8, Copyright (2008)with
permission from Elsevier.



from the coke particles. Bitumen thermally cracks into lemetecular weight
compounds, which vaporize and leave behind a layer of fresh coke. The vapors travel up
the reactor and into the disengagemeobe where a series of cyclones remove any
entrained coke particles and return them to the fluid bed via diplegs. The product vapors

exit the cyclones and enter the scrubbing section.

Within the reactor vessel, there is a net upward flow of fluidizatieans and product
vapors. A countecurrent flow of coke particles is maintained by constantly drawing off
coke particles from the bottom of the bed, and recycling fresh coke to the top of the
reactor. As the coke particles travel through the injection nbribe reactor, layers of
fresh bitumen are laid down and product vapors are drawn off with each successive pass.
The formation of fresh coke layers, coupled with agglomeration of wetted patrticles,
causes the coke to grow in sif&ray, 2002) The larger particles have a higher
propensity for falling to the bottom of the reactor, where they must be broken down using
attrition nozzles. These attrition nozzles control the overall particle size distribution of
the bed material by contacting the particles with higlocity steam. Gas velocities are

in the range of 6800 m/s to ensure effective agglomerate fragmentéRdsiffer et al.,

1959) Solids travel through the attrition zone ahén enter the stripping section of the

reactor.

The scrubbing section located on top of the reactor is used to quickly cool the product
vapors and condense any heavy fractions. Product vapors enter the scrubber at a
temperature of 540 °C, and must bempgreed below 400 °C to prevent cracking reactions
(Jankovic, 1996) Cracking of products within the scrubbing section would result in coke
formation and fouling of the internal structures, which decreases the efficiency of the
scrubber and directly impacts the quality of the product oil. Fouling is a sesaeethat
impacts the stripping section, however the environment in the scrubber can be more
tightly controlled to alleviate this problem. As the vapors travel up the scrubber, they
contact ,-shaped sheds. These sheds provide the contact between thapbptand

colder liquid phases that is necessary to ensure effective heat transfer and condensation of
heavy fractiongMcKnight et al., 2011)



The cooling oil responsible for quenching the vapors is typically heavy gas oil recycled
from the attached fractionation tower. Coker gas oil is the heaviest product fraction and is
typically recycled to extinction, as this provides meaéuable coker naphtha and middle
distillates. The gas oil exiting the fractionator is cooled to 325 °C or lower and pumped
into the scrubber to quench vapors. In addition, it is possible to inject feed directly into
the scrubber to further assist in sdridg. The heavy compounds which are cooled and
condensed by the heat exchange travel downwards by gravity, and enter the scrubber pool
at the base of the scrubber. Here, the cooling oil (recycled heavy gas oil and any bitumen
that has been injected) mixesth the cooled heavy fractions and is used to maintain the
scrubber temperature below 400 °C. As the scrubber pool fills, this liquid is recycled

back to the reactor for cokifdankovic, 1996)

The solids recirculation pattern within the reactor vessel results in a downward flow of
hot coke particles. &the particles travel from the reactor section to the stripper there are
still small quantities of hydrocarbons on the surface of the particles, as well as in the
interstitial space between dovilowing solids. These hydrocarbons are a valuable
product, ad need to be removed from the coke to reduce -cardgr to the burner vessel
where they would otherwise be combusted. At the base of the stripper is a series of
spargers which introduce fluidization steam to the reactor. Above the spargers are rows of
stripper sheds which redistribute the fluidization gas along the entirety of the reactor
crosssection. Theshedsalso have the effect of promoting effective contact between the
fluidization gas bubbles and dowitowing solid coke(Rose et al., 2005)As the gas
bubbles and solid agglomerates meet, valudtjdrocarbons are stripped from the
surface of the patrticles, travelling upwards through the reactor zone and into the scrubber
(Davuluri, Bielenberg, Sutton, & Raich, 2011; Sanchez & Granovskiy, 2013)

At the bottom of the stpper section, coke particles are removed and pneumatically
transported to the burner vessel using a dehsse transfer line. The burner vessel
operates in the range of 6605°C and maintains a fugth environment. Coke patrticles

are discharged to ttiep of the burner, where they are partially combusted to generate the
heat requirements for the reactor. Air is supplied to the bottom of the burner to fluidize

the particles and supply elemental oxygen for combustion. Combustion rates in the



burner are irthe range of 1580% of coke produced in the reactor. Flue gas from the coke
burner is typically fed to a carbon monoxide burner, pollution control equipment, and
ultimately discharged to atmosphere. Net coke from the burner is cooled in a quench
elutriata drum and sent to silos for storage. Hot coke is circulated back to the top of the
reactor to complete the mass balance and supply the necessary heat for thermal cracking
reactions to occuiHammond et al., 2003; Speight, 1998)

Figure 1-2 - Typical Cracking Reactions (adapted from Gray et al. (2004))

With bitumen being a complex mixture bfgh-molecular weighhydrocarbonsresins,
and asphaltenethe chemical reactions are highly convoluted. A simplified motigh®
main chemical reactions is presentedrigure 1-2, through the use dbmped reactions
The heavy residues introduced into a FlGidkerthermally crack into lowemolecular
weight gas oils and distillate material, which are fractionated apgraded within a
typical refinery. Heavyesidue feedslso react to form a solid coke produas well as
light and heavyesidue fractionsvhich can be recycled to extinctiohnecessaryThe
light residues within the liquid phas®ntinue to react to vapor phase distillate and gas
oils, andcan also react to form coke precursors, leading to an increased coke yield under
favorable conditionsThe thermal crackingpf a heavy residue feeyields distillate
material (boiling under 343C), light and heavy gas oils (34624°C), light and heavy
residues (524-650°C), andsolid petroleum cokéGray, McCaffrey, Huq, & Le, 2004)



1.2 Agglomeration in Fluidized Beds

Agglomerate formation in fluidized beds is a complex phenomenon impacted by various
physicochemical properties of the bed material and liquid injection, as well as operating
parameters of the equipméitarabi, Pougatch, Salcudean, & Grecov, 20P@pr liquid
injection leads to loss of bed fluidity, entrapment of feed liquid in large agglomerates,
reduced liquid yields, and severe fagiof reactor internals, all of which are detrimental

to the performance of the Fluid Coking procé&say, 2002; Sanchez & GranovskKiy,
2013) Poor injection resulting in agglomeration requires bed reactor temperatures to be
raised to reduce the likelihood of catastrophic defluidization, at the expense of valuable
liquid yields(House, Saberian, Briens, Berruti, & Chan, 200

Ariyapadi et al. (2004) investigated the injection of-gasid jets into fluidized beds

using nonintrusive digital xray imaging techniques. It was illustrated that agglomerate
formation occurs at the end of the jet region. Agglomerates of 5 tod@vere observed

in the lowshear regions of the jet, where the jet liquid contacts stowting particles
(Ariyapadi, 2004) Weber et al. (2009) recently studied the effectsag§lomerate
properties on agglomerate stability in fluidized beds. Bitwrwhe agglomerates of
varying sizes and liquid content were fluidized in a reactor at 638nd fragmentation

was observed. It was determined that high initial ligoidolid ratics in agglomerates led

to a recruitment of bed coke particles and increased agglomerate size. However, the
drying of liquid bridges within the agglomerates eventually led to an inability to recruit
bed coke, and erosion began to fragment the larger agglteeeReduced liquitb-solid

ratios resulted in immediate erosion and fragmentation as the initial agglomerates did not
have sufficient liquid to recruit more bed coke and maintain their size. In addition, larger
agglomerates were found to fragment ealian their smaller counterparts, exposing a
film of fresh liquid which was then able to bridge with bed material and reform small
agglomerategWeber, Briens, Berruti, Chan, & Gray, 2008; Weber, 2009)is is
consistent with findings from Salman et al. (2003), who demonstrated a tendency of
larger agglomeates to fragment at lower impact velociti€salman, Fu, Godm, &
Hounslow, 2003)



Gray (2002) proposed a model of agglomerate formation through comparison with
granulation in lowshear fluidized beds. In essence, the model suggests that the relatively
large droplets introduced to the Fluid Coker impact bed salidsng injection.
Granulation processes dictate that the large droplets contact multiple smaller bed
particles, forming an agglomerate with stable internal liquid bridges that would
eventually dry to give a large agglomerate. However, the nature of tind €bking
process introduces shear forces which serve to break apart the initial agglomerate while it
is still wet, dispersing the liquid film uniformly across the particles within the initial
agglomerate. In addition, it is theorized that vapor prododliaring the course of coking
reactions destabilizes the initial wet agglomerates and allows for more even liquid
dispersionGray, 2002)

It has been observed that coke product contains concentric ldyeoke which have
been deposited by successive passes through the feed section of the coker. Scanning
electron images indicate coke layers in the rangeldf @m, suggesting that agglomerate
breakage mostly disperses liquid films evenly across individagicles(Gray, 2002)
Several authors have reported the impact of liquid film thickness on coking reactions
using rapid induction heating of Athabasca vacuum res{@ray et al., 2001, 2003,
2007; Gray et al., 2004)t was observed that the increase in film thickness led to a shift
in transport phenomena of the product vapors. Thin filmarofind 20 pum experienced
passive diffusion of vapors, while films of B0 pum predominantly experienced
bubbling through thick films. In addition, thin films resulted in liquid yield increases on
the order of 4 wt%, due to the reduction in mass transfgtations imposed by thicker
films (Gray et al., 2001, 2003, 2004)

Aminu et al. (2004) conducted experiments on the rapid heating of bitumen thin films in
order to determine physical properties such as viscosity and surface tensiom at hig
temperature conditions. It was discovered that, for Athabasca vacuum residue at a
reaction temperature of 53T, the dryout time for a 2428 pum thin film is only 14.4 s.

In addition, thin films still experienced large increases in viscosity as théioreac
progressed, indicating that mass transfer limitations may still be present within the liquid

films (Aminu, Elliott, McCaffrey, & Gray, 2004)However, a lack of viscosity data for
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thicker films has yet to be remedied, and as a result it is wliffto characterize the

reduction in mass transfer limitations by the use of thin films.

Ali et al. (2010) demonstrated the role of heat and mass transfer limitatioré mn2
agglomerates modeled after those produced in the Fluid Coking processolbseased

that agglomerate coke vyields are insensitive to liquid saturation, temperature, and
agglomerate thickness. This suggests that mass transfer plays a larger role than heat
transfer within larger agglomerates, due to the longer diffusion path veigfglomerates

which have the capacity to increase the probability of dokming side reactions
compared to thin filmgAli, Courtney, Boddez, & Gray, 2010¥Gray (2001) indicates

that retrograde reactions may exist as the flilial reacts. As coking reactions progress,

the liquid transitions to a neaolid which has the capacity to trap volatiles, leading to
additional cokeproducing reactionfAminu et al., 2004; Gray et al., 2001)

1.3 Pyrolysis

There is growing interest in obtaining fuels from alterretigsources due to concerns
over fossitfuel depletion and the associated environmental impacts of -fossil
combustion. Renewable energy sources comprised 13% of global energy demand in
2010, with biofuels accounting for 3% of worldwide transation fuels(International
Energy Agency, 2012) Biomass pyrolysis is an attractive process which has the
capability of converting agricultural and forestry wastes into liquidfbbéds In addition

to fuels, pyrolysis has the capability of producing kvgliue chemical products, thus
lessening the dependence upon conventidosgil-fuels for their production(Mohan,
Pittman, & Steele, 2006)rhis wastdgo-fuels proces$ias seen considerable research in
previous decades due to its renewable feedstocks and the higher energy density of liquid
product compared to raw biomass. As pyrolysis technology matures over the coming
decades it may have the capacity to become a cdapetource of fuels and energy in

the global market.

Pyrolysis is the irreversible thermochemical degradation of material in the absence of
oxygen. When applied to biomass, it is characterized by the fragmentation and

conversion of highmolecular weight ignocellulosic compounds into lowenolecular



11

weight liquid and gas products, with the deposition of char as a solid product. Pyrolysis
can be applied to a variety of feedstocks for multiple applications. A significant portion
of research has been conducten wood due to its consistency as a feedstock, which
allows for more accurate determination of reaction pathways and the impact of process
parametergMohan et al., 2006Neverthelss, pyrolysis has been carried out on biomass
including potatoes, corn, sawdust, and sugarcane, as well varied compositions of their
chemical constituents: cellulose, hemicellulose, and ligBirummond & Drummond,

1996; Isahak, Hisham, Y@wo, & Yun Hin, 2012; Nowakowski, Bridgwater, Elliott,
Meier, & de Wild, 2010) In addition, research has been conducted on the pyrolysis of
sewage sludge, waste wood and tires, and slaughterhouse waste for applications ranging
from pollution control, lanfill diversion, and renewable energy recovéBai et al.,

2014; J. W. Kim et al., 2014; Martinez et al., 2013)

Biomass is a composite of cellulose, hemicellulose, and lignin, with small fractions of
organic and inorganic compoun(Bridgwater, Meier, & Radlein, 1999 ellulose is a

very high molecular weight organic polymer comprising5@wt% of most biomass,

and begins to thermally degrade over the range of3%00C. Hemicellulose is the
second most abundant compound, and is a present anywhere #8vw&5%0 of most

wood feedsick, and will degrade over the range of £ZD T. Lignin makes up a
further 1525 wt% of biomass and is an amorphous resin which takes on multiple
structures. Lignin typically degrades over the range of-28D C, although some
researchers have obseruwedctions occurring between 1600 T (Mohan et al., 208,

Yang, Yan, Chen, Lee, & Zheng, 2007Mhe varying degradation temperature can be
linked to the chemical changes that occur during lignin extraction from woody biomass,
as well as the multiple structures that are characteristic of lignin. Biomassoalsine

small fractions of minerals and heavy metals that remain in the char product. Finally,
depending upon the specific feedstock used, there are small fractions of organic
extractives, such as proteins, simple sugars, and essential oils. As theicolasd
feedstock is rapidly heated, the macromolecular structure decomposes to evolve vapors
and aerosols while leaving behind a solid-ti@r product. The relative abundance of

hemicellulose, cellulose, and lignin within the biomass feedstock diredlente the
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chemical species found in the liquid product, as well as the total yields of solid, liquid
and gagBridgwater et al., 1999; Mohan dt,&2006)

It has been shown that particle size plays an important role in the progress of particle
drying, as well as primary and secondary pyrolysis reactions. As an individual particle is
subjected to the high heat of the reactor, water trapped ipattiiele begins to vaporize

and exit through the pores of the biomass particles. Primary reactions refer to the
fragmentation and vaporization of the lignocellulosic compounds, resulting in permanent
gases and condensable species. Primary reactions aneg®nsible for the solid bio

char that remains after pyrolysis. Secondary reactions refer to complex heterogeneous
and homogeneous reactions that can occur between tioldniopermanent gases, and
vaporized condensables, including reaction water. 18809 reactions encompass
cracking, condensation, polymerization, gasification and oxidation reactions, among
others, and can be both intraparticle and extrapar(isighak et al., 2012; Neves,
Thunman, Matos, Tarelho, & Gom&area, 2011)

With small particle sizes there is uniform heating, leading to rapid drying and primary
reactions occurring within the particle. It is believed that the quick progression of drying
and primary reactions facilitates quick vaporization and diffusion of ptuslucts,
reducing the extent of intraparticle secondary reactions. Secondary reactions then occur
in the vapor phase and can be controlled through the use of shortened residence times and
quick quenching of condensable fractions. However, larger parhelss been found to
impose heat and mass transfer limitations, reducing the rate of drying and primary
reactions. Due to the temperature gradient that develops from the outside of the particle
to the inside, it is believed that drying and primary readtionts move sequentially, and

can occur simultaneously at differing locations within the same particle. Consequently, as
moisture and volatiles are exhausted from the outside layer of the particle, the resulting
char layer acts as a barrier to the quickudion of water vapor and primary reaction
products yet to be liberated from the inside of the particle. This would allow for an
increased probability of secondary reactions occurring between the moisture, primary

cracking products and char layer. In duagfi, pyrolysis progression increases the char
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layer, adding a time dependency on the extent of intraparticle secondary re@stibak
et al., 2012; Neves et al., 2011)

It has been found that a reduction in particle size can improve liquid yields and lead to a
reduction in &r content, however the grinding process leads to cost increases that may not
be offset by increased vyields of valuable componéistshak et al., 2012; 9. Kim,

Jung, & Kim, 2010) Ultimately, particle size has been demonstrated as havingpatim

on char, liquid, and gas yields, but is one of many parameters that must béntaken
consideration for practical purposes. Optimization of particle size is of importance due to
the grinding energy associated with smaller particles, but there de-dffabetween
increased yields of valuable products and the energy input required to attain those yields
(Isahak et al., 2012)

Although pyrolysis yields and product quality are directly influenced by the reactor
configuration and operating parameters, there are specific ranges of heating rates,
temperatures, and vapor residence time that lead to optimization of one product over
another. The impact of temperature for pyrolysis has been well researched and
documentd. Pyrolysis is typically carried out in the range of 8D T, while most
woody biomass feedstocks have an optimum temperature in the range-55®00D
(Mohan et al., 2006) The mpact of temperature can be attributed to the relative
concentrations of lignocellulosic material within the feedstock, as the degradation

temperatures differ for each componétidgwater et al., 1999)

Slow pyrolysis is the mild form of pyrodys operating with lower temperatures and
longer residence times. This process utilizes large biomass particles in the rarg@ of 5
mm, with heating rates in the range of-Q T/s. The larger patrticle size, coupled with
the relatively low thermal condtivity of biomass, results in larger char formations under
these conditions. In addition, slow pyrolysis utilizes vapor residence times of several
minutes, promoting secondary reactions which convert liquid products to gas. Altogether,
typical yields aran the range of 35 wt% char, 30 wt% liquid, and 35 wt% gas products
(Bridgwater et al., 1999; Crocker, 201®8y modifying the process parameters to that of
the fast pyrolysis regime it is possible to vastly increasedhbellyields.
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Fast pyrolysis is characterized by high heating rates, controlled reaction temperature, and
short vapoiphase residence times. Higher heating rate2QI0C/s) coupled with more

finely ground particles result in a reduction in char yield greater evolution of product
vapors. Furthermore, the reduced vapor residence tineq) and quick quenching of
product vapors allows for a reduction in secondary reactions in order to minimize the
conversion of liquid products into gas. This combimatof parameters allows for liquid
yields on the order of 7B0 wt% of feed on a dry bagiBridgwater et al., 1999)

The pyrolysis process can be carried out through a variety of reactor configurations.
Bridgwater et al. (1999) provides a degdiloverview of reactor types, of which there are
three main classifications that are realizing commercial opergBoxdgwater et al.,

1999) Fluid bed reactors are common due to the very effective heat transfer. The process
requires the use dinely ground biomass to achieve the heating rates necessary to
maximize liquid yields. However, the design allows for greater control over vapor
residence time in order to minimize unwanted secondary cracking reactions. The
downside with commercial uniis the complexity of required char removal systems, as
char catalyzes the secondary reactions intd@escker, 2010Q)Ablative reactors employ
pyrolysis by contacting large biomass particles with a heated surface at very high heating
rates in order to "melt'the particles into an oil residue. The particles are then
mechanically moved along the heat transfer surface, allowing a fresh particle surface to
begin reacting. The oil residue then vaporizes and, after a short vapor residence time,
exits the reactor focollection. Though this process allows for larger particles to be used,
thus saving on the energy requirements of grinding, there are several drawbacks. The
mechanical ablation within the reactor results in microcarbon which is entrained into the
liquid product. The systems are also limited by the heat transfer capabilities of the
heating surfacgBridgwater et al., 1999; Crocker, 201(Finally, vacuum pyrolysis
utilizes a slower heating rate and reduced temperatures.ré&tuires a higher solids
residence time but has the flexibility of accepting a larger particle size. As the vapors are
evolved from the biomass, they are quickly drawn off under vacuum instead of carrier

gas. This configuration experiences reduced diqyields over fluid bed and ablative
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pyrolyzers, in addition to a higher operational c(Bérruti, 2013; Bridgwater et al.,
1999)

Pyrolysis yields are dependent upon feedstogactor configuration, and specific reactor
parameters such as residence time and reaction temperature. Typical yields for fast
pyrolysis of wood in a fluidized bed are 75 wt% liquid, with around 12 wt% char and 13
wt% gas on a dry wood basf€rocker, 2010) The liquid product Iio-oil) is a dark

brown liquid that often experiences phase separation during handling and transportation.
It has a low pH in the range of£2 High oxygen concentrations in biomass result in
oxygenated, reactive compounds in-bib The high reactivity of these compounds leads

to a complex series of condensation and polymerization reactions which ultimately
results in instability and a short sh&fe (Mohan et al., 2006; Oasmaa & Peacocke,
2010) This yields an unstable product whose physical and chemical properties change
irreversibly, particularly at elevated temperatures. Pyrolysis oil stabilization has been
studied extensively to increase the stiéf of the oil, with some success found through
catalyzed esterification of alcohols with the carboxylic acids present in the mixture
(Zhang, Chang, Wang, & Xu, 2006)

Bio-oil is a complex mixture fochemical species which is difficult to characterize even
with advanced analytical equipment. Generally, it is possible to perform solvent
extractions and analyze separate fractions of the original product for analysis
(Murwanashyaka, Pakdel, & Roy, 200¥yater content is typically on the order of-29

wt% (Bridgwater et al., 1999; Oasmaa & Peacocke, 20R0)ar organics such as acids,
alcohols, ketones and aldehydes make up a further 30 wt% depending upon feedstock
(Oasmaa & Peacocke, 2010pugars are also present in abundance due to the
fragmentation of cellulose and hemicellulose, while the wiasaluble fraction contains
significant amounts of higmolecularweight compounds linked to lignin decomposition
(Mohan et al., 2006) Though there are several valuable chemicals whose pyrolysis
pathways have been documented, levoglucosan (a sugraredl from cellulose
degradation), acetic acid (derived from hemicellulose degradation) and phenolics (from
lignin) are among the most abund#ktohan et al., 2006; Murwanashyakaagt 2001;
Oasmaa & Peacocke, 2010)
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The applicability of pyrolysis oil as a fuel is dependent upon the feedstock and chemical
composition. Several successful attempts have been made with pyrolysis oil injection into
gas turbines while achieving low palant emissions. Combustion in diesel engines has
not seen any lonterm success at this point, though efforts are stiigoimg. As
stabilization and upgrading techniques are improved upon, angrfad® specifications

are developed, it is possible thaib-oil will become a competitive fuel ithe future
(Crocker, 2010; Oasmaa & Peacocke, 2010)

1.4 Research Objectives

The main objectivef this thesis is to develop an understanding of the impacts of applied
bed mixing and vapor phase residence time on the thermal cracking of agglomerating and
nonagglomerating feedstock. For the agglomerating system, a new Mechanically
Fluidized Reactorsystem is designed and implemented to investigate the impact of
mechanical mixing on bitumen thermal cracking simultaneously for two vapor phase
residence times. Bed mixing and vapor phase cracking can thus be studied to determine
their impacts on the yidland quality of the liquid product. A Fluid Coking Reactor is
then investigated to quantify the impacts of applied bed mixing and vapor residence time
within a more traditional fluidized system. Finally, birchwood pyrolysis is conducted in a
fluidized bedto compare the impacts of applied bed mixing in agglomerating and non

agglomerating systems.



17

1.5 References

Ali, M., Courtney, M., Boddez, L., & Gray, M. (2010). Coke Yield and Heat Transfer in
Reaction of LiquidSolid Agglomerates of Athabasca Vacuum Residl'he
Canadian Journal of Chemical Engineering, 88(19548

Aminu, M. O., Elliott, J. A. W., McCaffrey, W. C., & Gray, M. R. (2004). Fluid
Properties at Coking Process Conditions. Industrial & Engineering Chemistry
Research, 43(12), 2929935.

Ariyapad, S. (2004). Interaction Between Horizontal @aguid Jets and GaSolid
Fluidized Beds. The University of Western Ontario.

Berruti, F. M. (2013). Development and Applications of a Novel Intermittent Solids
Feeder for Pyrolysis Reactors. The University\estern Ontario.

Bridgwater, A. V, Meier, D., & Radlein, D. (1999). An Overview of Fast Pyrolysis of
Biomass. Organic Geochemistry, 30, 147493.

Crocker, M. (Ed.). (2010). Thermochemical Conversion of Biomass to Liquid Fuels and
Chemicals. Cambridge:dyal Society of Chemistry.

Dai, Q., Jiang, X., Jiang, Y., Jin, Y., Wang, F., Chi, Y., & Yan, J. (2014). Formation of
PAHs During the Pyrolysis of Dry Sewage Sludge. Fuel, 130092

Darabi, P., Pougatch, K., Salcudean, M., & Grecov, D. (2010). Agglome raiti
BitumenCoated Coke Particles in Fluid Cokers. International Journal of Chemical
Reactor Engineering, 8.

Davuluri, R. P., Bielenberg, J. R., Sutton, C. R., & Raich, B. A. (2011). Fluid Coking
Unit Stripper. United States: United States Patent Office.

Drummond, A. R. F., & Drummond, I. W. (1996). Pyrolysis of Sugar Cane Bagasse in a
Wire-Mesh Reactor. Industrial & Engineering Chemistry Research, 35(4)s 1263
1268.

Gray, M. R. (2002). Fundamentals of Bitumen Coking Processes Analogous to
Granulationd : @ritical Review. The Canadian Journal of Chemical Engineering,
80(June), 398401.

Gray, M. R., Le, T., McCaffrey, W. C., Berruti, F., Soundararajan, S., Chan, E., f
Thorne, C. (2001). Coupling of Mass Transfer and Reaction in Coking of Thin
Films of an Ahabasca Vacuum Residue. Industrial & Engineering Chemistry
Research, 40, 3313324.

Gray, M. R, Le, T., & Wu, X. A. (2007). Role of Pressure in Coking of Thin Films of
Bitumen. The Canadian Journal of Chemical Engineering, 85(October)/80.3



18

Gray, M. R, McCaffrey, W. C., Huq, I., & Le, T. (2004). Kinetics of Cracking and
Devolatilization during Coking of Athabasca Residues. Industrial & Engineering
Chemistry Research, 43(18), 545845.

Gray, M. R., Zhang, Z., McCaffrey, W. C., Huq, I., Boddez, L., Zu& Elliott, J. a. W.
(2003). Measurement of Adhesive Forces during Coking of Athabasca Vacuum
Residue. Industrial & Engineering Chemistry Research, 42(15)s355%4.

Hammond, D. G., Lampert, L. F., Mart, C. J., Massenzio, S. F., Phillips, G. ErdSglla
D. L., & Woerner, A. C. (2003). Review of Fluid Bed Coking Technologies (pp. 1
8).

House, P. K., Saberian, M., Briens, C. L., Berruti, F., & Chan, E. (2004). Injection of a
Liquid Spray into a Fluidized Bed: Partidéquid Mixing and Impact on Fluid
Coker Yields. Industrial & Engineering Chemistry Research, 43, <5iGD.

International Energy Agency. (2012). World Energy Outlook 2012. Paris.

Isahak, W. N. R. W., Hisham, M. W. M., Yarmo, M. A., & Yun Hin, T. (2012). A
Review on Bieoil Production fromBiomass by Using Pyrolysis Method.
Renewable and Sustainable Energy Reviews, 16(8),5923.

Jankovic, J. (1996). Simulation of the Scrubber Section of a Fluid Coker. University of
Belgrade.

Kim, J. W., Lee, H. W,, Lee,-G., Jeon, K., Ryu, C., ParkS. H., f Park, Y.-K.
(2014). Influence of Reaction Conditions on ®ib Production from Pyrolysis of
Construction Waste Wood. Renewable Energy, 65481

Kim, S-J., Jung, SH., & Kim, J-S. (2010). Fast Pyrolysis of Palm Kernel Shells:
Influence of Opration Parameters on the B Yield and the Yield of Phenol and
Phenolic Compounds. Bioresource Technology, 101(23), 804

Martinez, J. D., Puy, N., Murillo, R., Garcia, T., Navarro, M. V., & Mastral, A. M.
(2013). Waste Tyre PyrolystsA Review.Renewable and Sustainable Energy
Reviews, 23, 1713.

McCaffrey, D. S., Hammond, D. G., & Patel, V. R. (1998). Fluidised Bed Caeking
Utilising Bottom of the Barrel (pp.-T7).

McKnight, C. A., Hackman, L. P., Knapper, B. A., Bulbac, D., Jones, G. B.r, Tyle&
Kiel, D. E. (2011). Scrubber for Fluid Coker Unit. United States: United States
Patent Office.

Mohan, D., Pittman, C. U., & Steele, P. H. (2006). Pyrolysis of Wood/Biomass for Bio
oil: A Critical Review. Energy & Fuels, 20(3), 84&39.



19

Murwanashyka, J. N., Pakdel, H., & Roy, C. (2001). Separation of Syringol from Birch
WoodDerived Vacuum Pyrolysis Oil. Separation and Purification Technology, 24,
155 165.

Neves, D., Thunman, H., Matos, A., Tarelho, L., & GérBezea, A. (2011).
Characterization ahPrediction of Biomass Pyrolysis Products. Progress in Energy
and Combustion Science, 37(5), 630.

Nowakowski, D. J., Bridgwater, A. V., Elliott, D. C., Meier, D., & de Wild, P. (2010).
Lignin Fast Pyrolysis: Results from an International Collaborationrnal of
Analytical and Applied Pyrolysis, 88(1), 632.

Oasmaa, A., & Peacocke, C. (2010). Properties and Fuel Use of Bibreaged Fast
Pyrolysis Liquids.

Pfeiffer, R. W., Borey, D. S., & Jahnig, C. E. (1959). Fluid Coking of Heavy
Hydrocarbons. Uited States: United States Patent Office.

Rose, I., Cui, H., Zhang, T., McKnight, C., Grace, J., Bi, X., & Lim, J. (2005). Towards
an Ultimate Fluidized Bed Stripper. Powder Technology, 1:53(124 132.

Salman, A. D., Fu, J., Gorham, D. ., & Hounslow,.NR003). Impact Breakage of
Fertiliser Granules. Powder Technology, 138f1359 366.

Sanchez, F. J., & Granovskiy. (2013). Application of radioactive particle tracking to
indicate shed fouling in the stripper section of a fluid coker. The Canadian Journal
of Chemical Engineering, 91(6), 11s/8.82.

Shah, A., Fishwick, R., Wood, J., Leeke, G., Rigby, S., & Grede§010). A Review
of Novel Techniques for Heavy Oil and Bitumen Extraction and Upgrading. Energy
& Environmental Science, 3(6), 700.

Speight, J. G. (1998). Petroleum Chemistry and Refining. Washington: Taylor & Francis.

Speight, J. G., & Ozum, B. (200Betroleum Refining Processes. New York: Marcel
Dekker.

Teare, M., Cruickshank, R., Miller, S., Overland, S., & Marsh, R. (2014). Alberta,s
Energy Reserves 2013 and Supply/Demand Outlook-2023. Calgary.

Weber, S., Briens, C., Berruti, F., Chan, E., &% M. (2008). Effect of Agglomerate
Properties on Agglomerate Stability in Fluidized Beds. Chemical Engineering
Science, 63(17), 4248256.

Weber, S. (2009). Agglomerate Stability in Fluidized Beds. The University of Western
Ontario.



Yang, H., Yan, R., @en, H., Lee, D. H., & Zheng, C. (2007). Characteristics of
Hemicellulose, Cellulose and Lignin Pyrolysis. Fuel, 86{B2, 178321788.

Zhang, Q., Chang, J., Wang, T., & Xu, Y. (2006). Upgradingd@i®ver Different
Solid Catalysts. Energy & Fuels, 20(8Y,17 2720.

20



21

Chapter 2

2  Development of a Mechanically Fluidized Reactor
System for Bitumen Thermal Cracking

2.1 Introduction

Bitumen upgrading involves several unit operations, with Delayed Coking and Fluid
Coking€ being the most common. Fluid Coking€ is a necatdytic process that is
utilized to thermally crack heavy residues into light and middle distillates that can then be
upgraded into transportation fuels and petrochemi@d{Caffrey, Hammond, & Patel,
1998; Speight & Ozum, 2002)nside the Fluid Coker, bituem is injected through a
series of atomization nozzles. The fine bitumen droplets contact a hot bed of petroleum
coke, thermally cracking into lighter products while leaving behind a layer of fresh
petroleum coke. As the bitumen interacts with coke padjcthe formation of liquid

solid agglomerates is typically experienced. Agglomeration is detrimental to the
performance of fluidized beds, resulting in entrapment of feed liquid and severe fouling
of reactor internals. The consequences are reduced y¢ldsaluable liquids and
increased solid coke formatiq@ray, 2002; House, Saberian, Briens, Berruti, & Chan,
2004; Sanchez & Granovskiy, 2013)etailed description of the Fluid Coking process

and operating parameters can be found in Chapter 1.

Several authors have reported the impact of agglomerate prop@tiiest al., 2010;
Salman et al., 2003; Weber et al., 2008; Weber, 2G39)vell as bitumen film thickness
(Aminu et al., 2004; Gray et al., 2001, 2003, 206 )cracking reactions. Together, the
results using both large agglomerates and thin films indicate that quick breakage of
agglomerates assists in the dispersion of liquiformly across the bed particles. A
transition from large agglomerates to a thin film on the surface of a small agglomerate
would allow for a reduction in mass and heat transfer limitations, theoretically leading to
faster cracking reaction rates. A mamedepth discussion of the impacts of agglomerate

properties and bitumen film thickness can be found in Chapter 1.
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Chaudhari (2012) investigated the impact of bed material and mixing onl-§qlid
contact for heavy oil thermal cracking. A Mechanically Fluidized Reactor was utilized to
study vapor evolution from the reactor whileactor operating parameters were varied.
Increased bed mixing was found to increase liquid and gas ymidsavy oil. It was

also found that increased bed mixing led to a reduction in the time required to vaporize
liquid trapped within the be@Chaudhari, 2012)This study suggests that improved liquid
yields can be attained, though &mgeration and liquid quality were not investigated, nor

was the impact of vapor residence time on liquid and gas yields.

The main objective of this study is to develop a Mechanically Fluidized Reactor system
to investigate the impacts of bed mixing on laggerate distributions produced during
bitumen thermal cracking. The reactor is designed to decouple the reactor bed from the
freeboard, in order to investigate the impact of two separate vapor phase residence times
simultaneously while reducing intrinsiexperimental errors that may arise from the

reactor bed during normal operation.

Quantification of the impact of applied bed agitation on agglomerate distributions and
corresponding impact on Fluid Coking yields is accomplished using continuous bitumen
injection into theMechanically Fuidized Reactor. Separate vapor phase residence times
are employed to estimate the impact of vapor phase cracking on liquid and gas vyields.
Bed mixing and vapor phase cracking are also investigated to qudrifynpact on
product oil quality. Finally, experiments determine the maximum liquid yield attainable

from the reactor system, and the corresponding level of applied mechanical agitation.

2.2 Experimental

2.2.1 Materials

The feed to the reactor was Athabasca vactopped bitumen provided by Syncrude
Canada Ltd. This feed represents the-dwstillable residue from vacuum distillation.
The bitumen specific gravity was approximatdlyl, and viscosity values at various
temperatures are provided kgure 2-1. Molecular weight analysis indicated that the
feed had a weigkdiveraged molecular weight of 1945 g/mol, with a polydispersity of 4.2.
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Ultimate elemental analysis indicated that the bitumen had a ctobdoymrogen ratio of

8.4, and elemental composition is reportedable2-1.

Table 2-1 - Bitumen specifications

Ultimate Elemental Analysis:

Carbon 82.1 wt%
Hydrogen 9.8 wt%
Nitrogen 0.6 wt%
Sulphur 5.3 wt%
Oxygen (by dference) 2.2 wt%
WeightAveraged Molecular Weight 1945 g/mol
Specific Gravity 1.01

Nitrogen was used as fluidization, atomization, and mgkegas as it allows for an
oxygenfree environment suitable for thermal cracking reactions. The reactor sed wa
composed of petroleum coke having a particle density of 1450%kagitha Sauter mean
diameter of 140 ...m. Total bed mass was held constant at 0.400 kg for each experiment.
In order to maintain consistent bed conditions over the course of experimentation, bed
coke samples were analyzed in a Sympatec Helos/BF ParticleABaigzer prior to

experimentation.
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Figure 2-1 - Bitumen viscosity
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2.2.2 Experimental Apparatus

Experiments were conducted annovel Mechanically Fluidized Reactor (MFR) system.
The MFR had &.091 minternal diameter and a height of 0.127 The coke bed height
in the reactor was maintained at 0.07 m for each experiment. The reactor was operated at

530°C and atmospheric prass.

Figure 2-2 - MFR schematic

The mixing system was mounted on the top of the reactor, with the driveshaft located in
the center of the reactor flangéne mixer blade was driven by an electric varisggeed
motor, allowing for mechanical agitation speeds ranging from 20 to 200 RPM. The mixer
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blade orientation in the reactor was such that it scraped the wall of the reactor and drew
solids into the centesf the bed. Nitrogen gas and bitumen feed were injected into the top

of the reactor using a doubpgpe injection system, as shownkigure2-2.

A secondary tube reactor was fitted downstream of thR kFprovide prolonged vapor
phase cracking of a portion of the product to simulate the freeboard cracking in the fluid
coker Figure2-3). This cylindrical reactor had an internal diameter of 0.063 rth wi

total internal length of 0.310 m. The vapor exit was fitted with a filter to prevent solids
entrained with the product vapor from entering the liquid collection systems.

Figure 2-3 - Tube reactor schematic

The Mechanically Fluidized Reactor and tube reactor were designed and built with a
custom induction heating system (Appendix Aach systencontainedan 1800 W
induction heater (Hannex, Hong KgnChina). Temperature readings for the reactor
system were acquired using four type K thermocouples, of82NI thermocouple input
(National Instruments, Austin, TX), and one -8485 8channel solid state relay
(National Instruments, Austin, TX). A pragn created in the LabWindows€/CVI
platform (National Instruments, Austin, TX) collected the temperature signals and used
on-off control to power the induction heaters. Temperature control was provided for the
MFR and tube reactor, while temperature momiprwas provided for the bitumen

injection pump and the product line between the MFR and tube reactor.
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2.2.3  Experimental Procedure

Bitumen was fed to the reactor through the use of a dqusien pump. Bitumen was
preheated to a temperature of approximate125 °C in the top chamber of the pump.
Hydraulic oil was pumped into the bottom chamber at a constant flowrate, forcing the
piston upwards. This pressurized the bitumen chamber and displaced the oil into the
injection line at a constant flowrate. Theaajion line was maintained at a temperature of

approximately 200C.

Bitumen was injected from the top of the reactor through the inner tubdmfidepipe

feeding system. Nitrogen gas was injected through the outer tube, and was used to assist
in controlling the vapoephase residence time. The bitumen thermally cracked to {ower
molecular weight products, which vaporized and deposited a layer of fresh coke on the
original bed coke patrticles. The product gases and vapors exited the reactor theough t
mixer driveshaft, as seen kigure 2-2. The product stream between the MFR and tube
reactor was left unheated, allowing the product vapors to coolténperature in the

range of 180 to 200 °@hrough heat exchange with ambient dihis temperature has

been found sufficient to reduce secondary reactions, while reducing backpressure issues
caused by vapor product condensatibhe product line was then split into two separate
streams in order to study the impact of vapbase residence time. Approximately 60%

of the products were immediately quenched using a condenser immersed in an ice bath.
The remaining 40% of the prodgcwere diverted to the tube reactor, where they were
heated back to 530 °C to undergo further thermal cracking reactions. Immediately after

the tube reactor was a condenser to quench the liquid product.

Both product streams were equipped with a singledepnser immersed in an w&th,
followed by a highkefficiency electrostatic precipitator (ESP). Heavy fractions of the oil
were collected in the bottom of the condensers, while-comadensable gases and
entrained mist continued downstreawiithin the ESPa voltage of 15 kV was applied
between the electrode and ESP wall, resulting in ionization of the gas around the
electrode through corona discharge. The entrained mist entering the ESP was charged by
the ionized gas, and the electric field around the reldetforced the charged mist to the

wall. Mist condensed on the wall and drained to the bottom of the ESP for collddt®n.



Figure 2-4 - MFR process diagram
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noncondensable gases contidu@rough a cotton filter and were sampled for subsequent
gas analysis. Exhaust gas from both product streams was combined and vented to

atmosphere.

Control over the split ratio of the product streams and determination of the reactor yields
was accomplisteethrough rotameter control prior to gas sampliRmgre 2-4). During
experimentation, the vapor exit stream was split to adptermined ratio of flowrates in

order to achieve the desired residence times in paotiuct stream. Analysis of the
product gas from each stream then provided gas composition data, which was used to
determine the rotameter correction factors and provide the true flowrates of vapors
travelling through the rotameters. True vapor flowratese then used to determine the

true split ratio, providing yields and residence times for each product stream.

The mass change of the condensers, electrostatic precipitator, and filter were used to
determine the liquid yield. Gas composition data ancogén flowrates were used to
determine the gas yield. Coke yield was first estimated from the mass change of the
reactor bed. Due to slight variability in bed material volatiles content, the coke yields are
reported by difference to provide more accuratéem@nation of the impacts of

mechanical agitation.

Table 2-2 - MFR operating conditions

Shorter Vapor Phase Residence Time s 4.9
Longer Vapor Phase Resideniene S 10.6 £ 0.2:
Injection Rate mL/min 5.6
Injection Time min 40
MFR Temperature °C 530+ 3
Tube Reactor Temperature °C 530+ 5
MFR Pressure psig 0

The impacts of applied bed mixing and vapor phase residence time were studied at a
single reactortemperature of 530C. Bitumen was preheated to a temperature of
approximately 1225 €T in a doublepiston pump and injected at a rate of 5.6 mL/min.
Injection was continuous over the course of 40 minutes in order to obtain the sample

volumes required foanalysis and reduce errors in measurement.
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Experimentation was initially performagsing a bed drying period of 45 s after injection
was stopped. It was then determined that a 45 s drying period was not sufficient to
completelydry out the bed under pootiyixed conditions as there were still minute
guantities of unvaporized liquid trapped in the larger agglomerates. A drying time of 20
minutes was then used to determine the true liquid and coke yields under the poorly
mixed comition. As such, the reported values for poarliixed conditions represent the

true liquid and coke yields with 20 minutes of bed drying.

Statistical analysis using replicate experiments has been performed to determine the
impact of mixing and vapor phaseacking. Significance has been tested using a one
tailed comparison of means in most cases, withtailed comparisons being used where
appropriate. Statistical significance is reported through the usesalups; these values
represent the probabilitthat any differences between the data sets can be attributed to

random error.

2.2.4  Analysis

In order to determine the extent of cracking reactions, density and viscosity of the
product oil were analyzed using an Anton Paar SVM 3000 Viscoraetertemperature

of 60 °C In addition, the relative molecular weightf the product liquid were measured
with a Waters Breeze GPEPLC (Gel Permeation ChromatograpHigh Performance
Liquid Chromatography) instrument (1525 binary pump, Waters Styrylgel HR1 column
at a temperature of 4@; UV detector at 270 nm). The GREPLC was calibrated with
linear polystyrene standards, and utilized THF as an eluent at a flow rate of 1 ml/min.
The composition of gaseous components was found using two Varid@@P3Column

Micro Gas Chromatographs.
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2.3 Results and Discussion

2.3.1  Agglomerate Distributions

Within the MFR, it was observed that agglomerates were present ranging from 355 um to
over 9500 um. Small agglomerates were present in abundance, while large agglomerates
were far less common. However, larger agglomerates introduce heatamsdtransfer
limitations within the reactor, which result in slower reaction rates, longer diffusion
pathways for product vapors, and a higher probability of -¢okming side reactions

(Gray et al., 2001, 2004)
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Figure 2-5 - Impact of mixing on cumulative agglomerate distributions (reactor
temperature = 530 °C; error bars represent one standard deviation)

Figure 2-5 demonstrates the impact of mechanical agitation on the cumulative mass of
agglomerates greater than 600 um atyway agitator speeds. Increasing the speed of

agitation from 20 to 100 RPM resulted in a 60 wt% reduction in total agglomerates, while
increasing to 200 RPM resulted in a 93 wt% reduction. Agglomerates larger than 4000

pum were essentially eliminated at 260PM, with very limited numbers of small
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agglomerates surviving. The survival of small agglomerates under these conditions is
understandable, given that the geometry of the mixer blade allowed for solids to be

forced towards the center of the bed instefdoleing crushed against the reactor wall.

Figure 2-6 demonstrates the increase of agglomerates at gaehcutwith respect to

ideal conditions at 200 RPM. If the 200 RPM condition is @ered the ideal case of a
well-mixed system, a reduction in mixing to 100 RPM increases the survival chances of
small agglomerates, while large agglomerates are not overly common. A further
reduction in mixing speed to 20 RPM drastically increases theurtmof small
agglomerates that are capable of surviving but, more importantly, the slow movement of
the mixer blade allows for large agglomerates to bypass the blade and continue to
survive. If these large agglomerates survive in the reactor, the madsantransfer
limitations imposed by the large size hinder quick reaction rates and vaporization of the
liquid. As a result, there was a higher likelihood of céikening side reactions occurring

during the poorlymixed 20 RPM case.
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Figure 2-6 - Agglomerate distribution deviations from ideal conditions
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2.3.2  Short Vapor Phase Residence Time

Coke yield decreased significantly agitator speed was increasé&dgure 2-7 indicates

that, under poorlnixed conditions at 20 RPM, the coke yield was 27 wt%. As mixing
was improved within the reactor, a coke yield of 23 wt% was achief&epositive
correlation has been found between the cumulative mass of agglomerates above 600 um
and the coke yield. The reduction in coke yield can be attributed to agglomerate breakage
resulting in quicker reaction of the bitumen feed and vaporizationhef product
compounds, which are later condensed as liquid oil prodine. probability that the
differences between the data sets can be attributed to random error is only 3 % for the 20
and 100 rpm setfo100= 0.03 and 22 % for the 100 and 200 rs&ts Pro0200=0.22).
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Figure 2-7 - Effect of mixing on coke yield at short vapor residence time (reactor
temperature =530 °C; vapor phase residence time = 4.9 s;qa00= 0.03; p.oo-200
=0.22)

Experiments conducted under short vapor residence time indicated an increase in liquid
yield with mixing, as seen iRigure2-8. An increase of approximately 3 wt% was found
between the 20 and 100 RPM case, with a further increase of 1 wt% when mixing was
increased to 200 RPM. A statistical comparison of means between the data sets indicated

that there was a significant increaseliquid yield between 20 and 100 RPM. Between
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100200 RPM, the slight scatter in the results reduced the statistical probability
associated with the slight increase in liquid yield. Given the difference in liquid yield
between the 100 and 200 RPM casess likely that the critical RPM, above which the

liquid yield would not be affected by any further increase in mixing speed, was slightly

above 100 RPM. The maximum liquid yield obtained in this process was about 73 wt%.
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Figure 2-8 - Effect of mixing on liquid yield at short vapor residence time (reactor
temperature = 530 °C; vapor phase residence time = 4.9 Siofoo = 0.13; Proo-200 =
0.30)

It has been found that there was a negative correlation between the cumulative mass of
agglomerates above 600 um and liquid yield at short vapor residence times. Essentially,
as agglomerates are broken up by mechanical agitatien liquid trapped in the
agglomerates is released and dispersed across the surface of smaller fraggnéirg

in reduced mass and heat transfer limitations. This leads to increased vaporization of the
thermal cracking products, leading to an increaskquid yield at short vapor residence

time. At 100 and 200 RPM, agglomerates above 9500 um have been eliminated, 4000
9500 um agglomerates have been drastically reduced, and small agglomerates are found
in fewer numbers. The reduction in large agglonesratas significant when the RPM

was increased from 20 to 100 RPM. It was also observed that the majority increase in the
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liquid yield occurs over this same RPM range. Together, these results indicate that the
breakage of large agglomerates was responsirléhe increased liquid yields, as it

allowed for a faster reaction rate and reduced likelihood of-tmrkeing reactions.

It was evident that there was no impact of bed mixing on gas yields under short residence
times Figure2-9). Gas yields under these conditions were approximately 5 wt% for all
mixing conditions, and statistical analysis indicates there was no effect of mechanical
agitation over the range of tested values. Coupled with the incregsetlield over the

same operating conditions, it appears as if agglomerate breakage was only responsible for
increased liquid products under short residence times, and the liquid released from the

agglomerates did not spend sufficient time in the vapase to continue to crack to gas.
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Figure 2-9 - Effect of mixing on gas yield at short vapor residence time (reactor
temperature = 530 °C; vapor phase residence time = 4.9 sjoRo0 = 0.53; PLoo200 =
0.69)

The reduction in coke yield and subsequent increase in liquid yield are in agreement with
the findings of Chaudhari (2012). However, that investigation found a 12 edetion

in coke yield using heavy crude oil and sand, considerably greater than the 4 wt%
reduction found using bitumerrigure 2-7). Correspondinglythe liquid yield increases
found with reavy oil were significantly larger than with the bitumen system. Finally, the
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heavy oil system found gas yields increases of up to 5 wt% under comparable
temperature and vapor residence times, which are in direct contradiction with the above
results usingoitumen EFigure 2-9). The discrepancies between the results is most likely
attributed to the differences in feedstock and bed mat(@raludhari, 2012)
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Figure 2-10- Impact of mixing on viscosity at short vapor residence time (reactor
temperature = 530 °C; vapor phase residence time = 4.9 Siofoo = 0.00; pLoo200 =
0.06)

Product oil analysis was conducted in order to determine the extent of thermal cracking.
Figure 2-10 highlights the impact of applied mixing on product oil dynamic viscosity at
short vaporesidence times. It has been found that as mixing levels were increased there
was a statistically significant decrease in viscosity. This trend can be found fr@6020
RPM as well as 16200 RPM. Combined with agglomerate breakage and the increase in
liquid yield that has been establishédg(re 2-8), it can be concluded that the liquid
released from agglomerates produced a liquid product which had a lower viskasity

the bulk of the liquid that was produceddring the normal coking process.
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Figure 2-11 - Impact of mixing on molecular weight at short vapor residence time
(reactor temperature = 530 °C; vapor phase residence time = 4.9 sppo= 0.14;

P100200= 0.09)

Figure 2-11 shows the impact of mixing on average molecular weight at low vapor
residence tiras. The liquid released from agglomerates had a lower molecular weight
than the bulk liquid produced during poortyixed conditions, enough so to shift the
molecular weight distribution. That is, by quickly removing liquid from the agglomerates,

it is possble to produce liquid of a lower viscosity and lower molecular weight. It
appears as though the liquid initially trapped in agglomerates was more reactive once it
had been released and dispersed among the rest of the bed. This higher reactivity would
resut in an increased likelihood of the compounds undergoing cracking reactions to
product less viscous, lowenolecular weight compounds. This corroborates well with the
increased liquid yield and decreased coke yield, as the compounds released from the
aggbmerates crack into light vapor products instead of continuing to produce coke from

side reactions within the larger agglomerates.
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2.3.3 Long Vapor Phase Residence Time

Coke yields at prolonged vapor residence times corroborate very well with the yields
obtaired at short residence times, as is expedtgu(e 2-12). It has been found that
coke yield decreases with agitation at both residence times, as is indicated from the
agglomerate distributions shown kiigure 2-5. The majority of the coke yield reduction

was found to occur from 2000 RPM, while the reduction between 1200 RPM was
minimal by comparison. As agitation was increased to 200 RPM, colds yéR3 wt%

were attained.
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Figure 2-12 - Effect of mixing on coke yield at long residence time (reactor
temperature = 530 °C; vapor phase residence time = 10.6 SigRoo= 0.01; poo200 =
0.40)

Figure 2-13 demonstrates the impact of agitator speed on liquid yields at long vapor
phase residence times. It is evidemttthe liquid yield decreased as the residence time
increased, as is expected. The liquid yield was approximately 63 wt% at the longer
residence time, a reduction of 6 wt% when compared to the liquid yield at the short
residence time. This indicates tHahger vapor residence times promote further vapor
phase cracking reactions which convert part of the liquid product into gas.
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Figure 2-13 - Effect of mixing on liquid yield at long vapor residence time (reactor

temperature = 530 °C; vapor phase residence time = 10.6 Sppoo= 0.16; Proo200 =

0.31)
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Figure 2-14 - Effect of mixing on gas yield at long vapor residence time (reactor
temperature = 530 °C; vapor phase residence time = 10.6 $phoo = 0.01; pioo200=

0.49)
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Figure2-13 shows that increased bed agitation had an impact on liquid yield at both long
and short residence times, although the increase in liquid yield at the longer vapor phase
residence time was less than theré@ase observed at the short vapor residence time. This
can be attributed to the prolonged residence time allowing for increasedovapking
reactions compared to the short residence time, as liquids are being released from

agglomerates and beitagst to the gas phase before being condensed and collected.

The effect of bed mixing on gas vyield is illustratedrigure2-14. It has been found that

gas yield increased as agitator speed increasedeVv#w, this has only been found at
prolonged residence times. At pooerixed conditions at 20 RPM the average gas yield
was 10.2 wt%, which increased by 208% when agitation was applied. At prolonged
residence times secondary vapor phase cracking eeactiontinue in the heated tube
reactor, which was maintained at the same temperature as the MFR. This results in the
cracking of lighter liquid products to produce roondensable gases. This corroborates
well with previous data on increased liquid yiel@satistical analysis on gas yields gives

a 99% probability of increased gas yield as a result of increased bed mixing between 20
100 RPM. The 100 and 200 RPM cases are essentially identical. In addition, it was
observed that gas yields are, overall, kiglat prolonged residence times than short
residence times. This occurs at poarixed and welmixed conditions. The increase

can be attributed to the vapor cracking reactions converting both bulk liquid produced

during coking as well as liquid releasiedm agglomerates.

The comparison between the results obtained at the two residence times suggests that
increasing agitation reduces the production of cdkgufe 2-12) and increases the
production of ighter vapors (Figures-2, 210 and 211). These lighter vapors are more
susceptible to vapegshase cracking, increasing the production of gas at the long

residence timeHigure2-14).
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Figure 2-15 - Impact of mixing on viscosity at long residence time (reactor
temperature = 530 °C; vapor phase residence time = 10.6 [8io-100 = 0.01; proo200 =
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Figure 2-16 - Impact of mixing on molecular weight at long residence time (reactor
temperature = 530 °C; vapor phase residence time = 10.6 SioRoo= 0.38; Poo200 =
0.21)
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An interesting trend developed at prolonged residence times. As depidtepiia2-15,

product oil viscosity inreased with applied bed mixing. Oil viscosity was determined to

be in the range of 9.5 to 11.9 cP at &Dfor all cases. However, comparison of means
between the data sets indicates conclusively that viscosity was increased as a result of
mechanical agdtion. Taking previous results into consideration, it is evident that the
increased viscosity was a result of heavier fractions of oil being concentrated in the liquid
phase. At prolonged residence times, the reduction in agglomerates resulted in slight
increases in liquid vyields, while liquids continued to crack to the gas phase.
Experimentation at shorter residence times indicated that the liquid released from
agglomerate fracture was more reactive than the bulk liquid produced during the course
of normalinjection and coking. It can then be concluded that the liquid released from the
agglomerates were more reactive and cracked to gas, alongside some of the liquid
produced over the course of normal injection. Due to this vapor phase cracking of lighter
fractions, more viscous liquid products were concentrated in the liquid phase, leading to
an overall increase in liquid product viscosity. In addition, the viscosity of product oil at
prolonged vapor phase residence times was lower than that of short redidess; due

to the vapor phase cracking reactions that continued to reduce the viscosity of the product

oil.

Figure 2-16 demonstrates that the molecular weight of the liquid product was
significantly reluced at long vapor residence times compared to short residence times.
This can be attributed to the vapor phase cracking reactions which convert- higher
molecular weight compounds into lowerlecular weight compounds. It has also been
found that moleculamweight experienced slight increases with mixing. However, the
statistical probabilities of these trends were asthigh as that of viscosity. Given the
reproducibility of molecular weight analysis, it can be concluded that mixing does not
have a gnificant impact on molecular weight distributions at prolonged vapor residence
times as the effects are dampened by the impact of vapor phase cracking.
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2.3.4  Statistical Significance

Table 2-3 highlights thestatistical significance of the previous results. It was found that
prolonged vapor phase residence time had a significant impact on liquid and gas vyield. It
can then be concluded that as vapor residence time was increased there was a significant
reduction in liquid yields, with a corresponding increase in gas yields. It is also possible

to conclude that both viscosity and molecular weight were decreased as a result of
prolonged vapor phase residence time. Note that the statistical probability of thétse res

are 95 % and above, and are validated at all levels of mechanical agitation that have been
tested. In addition, it has been demonstrated that there was essentially no impact of

residence time on coke yields, as is expected.

Table 2-3 - Effect of residence time

Impact of Prolonged p-value at p-value at p-value at

Residence Time 20RPM 100 RPM 200 RPM
Liquid Yield Decrease 0.02 0.00 0.05
Gas Yield Increase 0.04 0.00 0.02
Viscosity Decrease 0.00 0.00 0.00
Molecular Weight Decrease 0.02 0.00 0.01
Coke Yield Two-tailed 0.70 0.74 0.93

Table 2-4 indicates the statistical significance of mixing effects atrtslamd long
residence times. It is important to note that the effects of mixing had a higher probability
of impacting yields and product quality betweer12® RPM, with reduced probabilities
between 10200 RPM. This can be attributed to the critical mixievel being in the
range of 106200 RPM, beyond which the impact on yields and product quality was
minimal. However, when performing a comparison between the pourgd case at 20
RPM to the wellmixed case at 200 RPM, applied bed mixing had a higraability of
impacting yields and quality. At short residence times it was determined that mixing did
not impact gas yields. However, increasing bed mixing from 20 to 200 RPM had a
statistically significant increase in liquid yield, while product oilcaisity and molecular
weight were reduced under these conditions. These impacts had a minimum of 95 %
probability of being attributed to the effects of mixing.
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Table 2-4 - Effect of mixing

Impact of p-value over the rang: p-value over the rang

Mixing of 20-100 RPM of 20-200 RPM

Short Residence Time:

Liquid Yield Increase 0.13 0.05
Gas Yield Two-tailed 0.53 0.61
Viscosity Decrease 0.00 0.01
Molecular Weight Decrease 0.14 0.02
Long Residence Time:

Liquid Yield Increase 0.16 0.14
Gas Yield Increase 0.01 0.07
Viscosity Increase 0.01 0.00
Molecular Weight Increase 0.38 0.19
Average of Residence Times:

Coke Yield Decrease 0.00 0.00

The inpacts of bed mixing had a slightly reduced probability of occurring at the
prolonged vapor residence tim€aple 2-4). Between the range of ZD0 RPM, it was

found that improved mixing resulted in statatly significant increases in gas yields and
product oil viscosity. These increases had a minimum of 93 % probability of being
attributed to the effects of mixing. Although there appeared to be increases in liquid yield
and molecular weight at long resiice times, the simultaneous impact of vapor phase
cracking introduced a degree of uncertainty as to whether these mixing effects were
significant under these conditions. These increases had a minimum of 81 % probability of
being attributed to mixing. Ast ihas been previously been established that vapor
residence time does not impact coke yields, these data sets have been merged to gain a
more accurate determination of the impacts of mechanical agitation. It can be concluded
that increases iappliedbed mxing reduced the coke yield in the reactorgetused in

this study.
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2.4 Conclusions

The MechanicallyFluidized Reactor has been successfully developed and implemented
for Fluid Coking€ applications. It has been determined that multiple vapor phase
residence times can be investigated simultaneously while reducing intrinsic errors present
in a complex systa such as coking. The impact of applied bed mixing and vapor phase
cracking have been investigated to determine their impact on Fluid Coking yields, as well

as quantification of their impact on product oil quality.

It has been found that bed mixing wasp@ssible for agglomerate breakage and had the
capacity to reduce the cumulative mass of agglomerates within the reactor. In addition,
agglomerate breakage has been found to reduce coke yields due to the release of liquid
feed that has been trapped. Aggloation within cokercauses thentrapment of liquid

feed, resulting in reduced liquid yields due to the mass and heat transfer limitations of
larger wet agglomerates. Agglomerate breakage and subsequent liquid dispersion results
in increased vyikes of lowviscosity, lowmolecular weight liquid at short vapor residence

times.

However, the liquid released from agglomerates was more reactive and continued to
crack to gas at long vapor phase residence times, resitangoncentration of higher
viscosity, highemmolecular weight compounds in the liquid phase. This study highlights
the importance of quick agglomerate breakage and feed dispersion in fluid cokers by
relating agglomerate destruction to the quantity and quality of liquid product tindteca

attained.
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Chapter 3

3  Effects of Bed Mixing and Vapor Residence Time on
Bitumen Thermal Cracking

3.1 Introduction

The Fluid Coking process is utilized to convert heavy residues into lighter distillates,
which can then fractionated and upgraded separately into transportation fuels, or blended
to produce a synthetic crude oil for further refinifigcCaffrey, Hammond, & Patel,
1998; Speipgt & Ozum, 2002) This noncatalytic process utilizes a fluidized bed of hot
petroleum coke to thermally crack bitumen feed into vapor andnwgale concentrating
impurities in a solid coke produdd/ithin the Fluid Coker, the injection of the liquid tee
results in the formation of liquidolid agglomeratesPoor liquids injection and
agglomerate formatiois detrimental to reactor performance, leadingnimeased yields

of petroleum coke at the expense v@fluable liquids(Gray, 2002; House, Saberian,
Briens, Berruti, & Chan, 2004; Sanchez & Granovskiy, 208tailed descriptianof

the Fluid Coking process and operating parameters céoubd in Chapter 1.

Several authors have reported the impact of agglamepropertieqAli et al., 2010;
Salman et al., 2003; Weber et al., 200&ber, 2009)as well as bitumen film thickness
(Aminu et al., 2004; Gray et al., 2001, 2003, 200 )cracking reactions hese results
indicate that agglomerate surviaads to entrapment of feed liquashd mass and heat
transfer limitations which allow for retrograde reactibmsonvertfeedliquid into coke

In addition, agglomerate breakage dispsigjuid feed across the surface iaflividual
particles, leadingat a reduction in mass and heat transfer limitations and fasteking
reaction ratesA more indepthdiscussion ohgglomerate formation and breakags be

found in Chapter 1.

The main objective of this study is to investigate the impacts of applied bed mixing and
vapor phase cracking onghFluid Coking€ of vacuum topped bitumen in a traditional
fluidized bed. In particular, this study aims to develop an understanding of the impact of

bed mixing on agglomerate distributions as this is an area of limited $tuslgrucial to
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determine thampact of increased agitation independently of other effects: instead of
increasing the fluidization velocity, which improves mixing but also reduces the vapor
residence time and the vapor partial pressure, the study uses mechanical agitation to

enhance mxing at constant fluidization velocity.

3.2 Experimental

3.21 Materials

Thermal cracking reactions were carried out using Athabasca vacuum topped bitumen
provided by Syncrude Canada Ltd. This feed represents thalistdtable residue
remaining after atmospherand vacuum distillation. The feedstock had a specific gravity

of approximatelyl.01 Molecular weight analysis indicated that the feed haveight
averaged molecular weight of 1945 g/mblitimate elemental analysis reported in

Table 31.

Nitrogen wasutilized as fluidization, atomization, and malge gas in order to obtain an
oxygenfree environment suitable for thermal cracking reactions. The feddoed was
composed of petroleum coke having a particle density of 1450°kayich Sauter mean
diameter of 140 ...m. Total bed mass was held constant at 0.800 kg for each experiment.
In order to maintain consistent bed conditions over the course of experimentation, bed
coke samples were analyzed in a Sympatec Helos/BF Particle Sagzé&mnprior to

experimentation.

Table 3-1 - Bitumen specifications

Ultimate Elemental Analysis:

Carbon 82.1 wit%
Hydrogen 9.8 wt%
Nitrogen 0.6 wt%
Sulphur 5.3 wt%
Oxygen (by difference) 2.2 wt%
WeightAveraged Molecular Weight 1945 g/mol

Specific Gravity 1.06
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3.2.2  Experimental Apparatus

Experiments were conducted in a pitmale Fluid Coking Reactor (FCR) shown in
Figure3-1. The pilotscale system consists of a cylindrical flzield bed reactor with an
internal diameter of 0.076 m and a total height of 0.594 m. The unit was operated at
atmospheric pressure with operating temperatures of 510 and 530 °C.-phiager
residence times were controlled through the addition of freeba#edsons onto the top

of the reactor. These extensions have an internal diameter of 0.128 m and a height
varying from 0.277 m to 0.86 m. Freeboard extensions allowed for ydyase residence

time to be manipulated through freeboard volume instead df gataflowrate, which

facilitated consistent bed hydrodynamics over the course of experimentation.

Figure 3-1 - ICFAR Fluid Coking reactor
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The reactor wasquipped with ten Watlow mica electric band heaters covering the
reactor and extensions. Fluidization and atomization gases were preheated using Omega
AHP-3742 inline air heaters. Fluidization gas was maintained at 350 while
atomization gas was held 220 C. Reactor temperature control was accomplished using
fourteen type K thermocouples, with accompanyidgneywell UDC200 Mini-Pro

Digital controllers.In addition, temperature monitoring was provided for the bitumen

feed and vapor exit lines.

Figure 3-2 - Fluid Coking Reactor mixer assembly

Fluidizing gas was injected at the base of the reactor through a perforated plate design
consisting of terporousdisks The porousdisks arearrangedn a ring at the base of the
mixer driveshafiFigure 3-2) and have a pore size of 40 . Atomization gas entered at

the injection nozzle locate0.10m above the distributor. Makgp gas was injected
above the distributor plate to provide the necessary volumetric gas flowrate to assist in
controlling the residence times of the reactor. The mixing system was mounted on the
bottom of the reactor, W the driveshaft located in the center of the reactor flange

(Figure 3-2). The mixer blade was driven by an electric varisdgeed motor, allowing
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for mechanical agitation speedangng from 0 to 200 RPMThe injection nozzle
penetration in this reactor prevented the mixer blade from being oriented to scrape the
reactor wall, as this would have resulted in severe nozzle damagaich, the mixer
blade has been retractleyg approximatly 0.015 m to accommodate the injection nozzle

3.2.3  Experimental Procedure

Bitumen was fed to the reactor through the use of a dgusien pump. Bitumen was
preheated to a temperature of approximately-12® °C in the top chamber of the pump.
Hydraulic oil was pumped into the bottom chamber at a constant flowrate, forcing the
piston upwards. This pressurized the bitumen chamber and displaced the oil into the
injection line at a constant flowrate. The injection line was maintained at a temperature of

approxmately 200 .

Injection was accomplished via a typbase feed nozzle modified from Ariyapadi et al.
(2003). The details of the feed nozzle are provided elsewldergapadi et al., 2003)
Bitumen was injected through the central tube, while atomization nitrogen was passed
through the annular regiofhe liquid injection tube had been advanced to extend beyond
the exterior jacket in order to accomplish external mixirge liquid tube extends around

2.0 mm from the jacket, with the nozzle penetrating approximabe®d minto the
reactor bed. Atomation gas was preheated to a temperature of approximatel{C2@@

the tip of the nozzle, bitumen was forced through.@mm diameter nozzle tjpand

atomization gases from the nozzle jacket dispersed the feed into a fine spray.

As the bitumen was sgyed into the reactor, it interacted with the bed coke particles to
form wet agglomerates, some of which broke apart due to shear forces from gas bubbles.
The bitumen thermally cracked to loweolecular weight products, which vaporized and
deposited a her of fresh coke on the original bed coke patrticles. The product vapors
travelled up the reactor and freeboard extensions before exiting through the hot filter. The
product line exiting the reactor was maintained at 200 °C using dpig®eheat
exchangewith heated air. This temperature has been found sufficient to reduce secondary

reactions, while eliminating backpressure issues caused by vapor product condensation.



Figure 3-3 - FCR process diagram

52



53

Immediately after the reactor were two cyclonic condensers in series, immersed in an ice
water bath. Heavy fractions of the oil were collected in the bottom of the condensers,
while noncondensable gases antgtrained mist continued downstreaman electrostatic
precipitator Within the ESP, a voltage of 15 kV was applied between the electrode and
ESP wall, resulting in ionization of the gas around the electrode through corona
discharge. The entrained mist emnmng the ESP was charged by the ionized gas, and the
electric field around the electrode forced the charged mist to the wall. Mist condensed on
the wall and drained to the bottom of the ESP for colleclitve. noncondensable gases
continued through a cotton filter and were sampled for subsequent gas analysis. Finally,

the eXhaust gas was vented to atmosphere.

The mass change of the condensers, electrostatic precipitator, and filter were used to
determine the liquid yield. Gas composition data and nitrogen flowrates were used to
determine the gas yield. Coke yield was firstireated from the mass change of the
reactor bed. Due to slight variability in bed material volatiles content, the coke yields are
reported by difference to provide more accurate determination of the impacts of
mechanical agitation.

Table 3-2 - FCR operating conditions

ShorterVapor LongerVapor
Residence Time Residence Time

Bed Residence Time S 1.2 1.2
Vapor Phase Residenténe s 5.3 13.0
Total Residence Time S 6.5 14.2
Injection Rate mL/min 5.7
Injection Time min 20
Reactor Temperature C 5308
Reactor Pressure psig 0
Fluidization Velocity m/s 0.08

Bitumen was preheated to a temperature of approximateW220C in a doublepiston
pump and injected at a rate of 5.7 mL/min. Injection was continuous over the course of

20minutes in order to obtain the sample volumes required for analysis and reduce
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measurement error$he reactor temperature was maintained at £30nless otherwise

specified. The experimental procedure was as follows:

1. Experimentation was initially conducted at a -adiquid ratio (GLR) of
105wt% and a long vapor residence time of 13.0 seconds. Injection was
performed with and without mechanicagjit@tion.

2. Experimentation was then performedaGLR of 105 wt%, and a short vapor
phase residence time of 5.3 seconds. Injection was performed with and without
mechanical agitation.

3. The impact of reduced GLR was carried out using GLR values of 2 and%80 w
The vapor phase residence time was maintained at 5.3 seconds, and injection was
carried out with and without mechanical agitation.

4. Injection was then performed at a reduced temperature of GEhd a GLR of

105wt%.

Experimentation was initially pesfmed at a temperature of 530 using a bed drying
period of 20 s after injection was stopped. It was then determined that a 20 s drying
period was not sufficient to completely dry out the bed under the pouoxid
conditions at 0 RPM, as there werelstiinute quantities of unvaporized liquid trapped

in the larger agglomerates. A drying time of 20 minutes was then used to determine the
true liquid and coke yields under the poentyxed condition. As such, the reported
values for the 0 RPM conditions regent the true liquid and coke yields with 20 minutes

of bed drying.

Statistical analysis using replicate experiments has been performed to determine the
impact of mixing and vapor phase cracking. Significance has been tested using a one
tailed compariso of means in most cases, with ttaled comparisons being used where
applicable. Statistical significance is reported through the usevafues; these values
represent the probability that any differences between the data sets can be attributed to

rancbm error.
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3.2.4  Analysis

In order to determine the extent of cracking reactions, density and viscosity of the
product oil were analyzed using an Anton Paar SVM 3000 Viscometer. All viscosity
measurements were conducted at a temperature of 60 °C, as the hetoysfraf the
collected oil samples had a sufficient viscosity to prevent accurate determination at lower
temperatures. In addition, the relative molecular weights of the product liquid were
measured with a Waters Breeze GRELC (Gel Permeation ChromataghyHigh
Performance Liquid Chromatography) instrument (1525 binary pump, Waters Styrylgel
HR1 column at a temperature of 40 °C; UV detector at 270 nm). TheHBRC was
calibrated with linear polystyrene standards, and utilized THF as an eluent atratiow

of 1 mL/min. The composition of gaseous components was found using two Vadan CP
4900 3Column Micro Gas Chromatographs.

3.3 Results and Discussion

The products of the Fluid Coking process were solid petroleum coke, liquid product oil,
and norcondensald gases. A typical composition of roandensable gases is shown in
Table 3-3. The major components of these gases were found to be hydrogen-&# C1
hydrocarbons, which comprise nearly 97 mol% of themaniimited amounts of carbon
monoxide, carbon dioxide, and hydrogen sulphide were present due to the small amounts
of oxygen and sulphur in the sample bitumen.

Table 3-3 - Typical composition of product gas

Gas Component Mole Fraction (%)
Hydrogen 73.8
Hydrogen Sulphide 2.0
Methane 7.0
Carbon Monoxide 0.6
Carbon Dioxide 0.6
Ethylene 2.6
Ethane 3.2
Propane 7.5

Butane 2.8
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It was observed that agglomtss were present with a diameter ranging from 355 pm to
over 9500 pmKigure 3-4). Small agglomerates were present in abundance while large
agglomerates were far less common. Agglomerates larger thanu@b@@re only found

when the mixer was not employed. However, larger agglomerates introduce heat and
mass transfer limitations within the reactor, which result in slower reaction rates, longer
diffusion pathways for product vapors, and a higher probakilitgokeforming side
reactiongAli et al., 2010; Gray et al., 2001)

Figure 3-4 - Agglomerates formed during coking process

3.3.1  Short Vapor Phase Residence Time

Applied bed mixing was found to have a significant impact on agglomerate distributions.
Figure 3-5 indicates that increased bed mixing resulted in drastic reductions in the
cumulative mass of agglomerates above 600 um. It can also be shown that the variability
of the total mass of agglomerates was higher for the pouilgd case (0 RPM)yhile

applied bed mixing resulted in higher reproducibility of agglomerate distributions
(LO0RPM). It appears as though temperature fluctuations were responsible for
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discrepancies between replicate experiments. Temperature fluctuations of fipwege
observed in the reactor and are believed to result in fluctuations in the coking reaction
rate (Toosi, McCaffrey, & de Klerk, 2013). An investigation by Weber (2009) indicated
that reduced temperatures result in increased agglomerate stability due tquitie |
binder experiencing slow reaction rates, thus giving agglomerates an increased likelihood
of incorporating surrounding particles into the agglomerate and maintaining stability.
Higher temperature experienced faster reactions rates and vapor ewoluleading to
agglomerate destabilizatiofWeber, 2009) It is inferred that, with the pooHmixed
conditions at 0 RPM, any agglomerates that formed would be susceptible to temperature
fluctuations, and therefore fluctuations in agglomerate stability. This would ttead
variability in agglomerate distributions, as have been seen in this case. However, the use
of the mixer provided increased reproducibility by destroymogh stable and unstable

agglomerategshusdampening the effects of temperature fluctuations.
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Figure 3-5 - Effect of agitation on cumulative agglomerate distributions at short
vapor residence times (reactor temperatre = 530 °C; vapor phase residence time =
5.3 s; error bars represent one standard deviation)
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The reduction in total agglomerate mass can be attributed to the grinding aspect of the
mixer blade incorporated in the reactor. The mixer blade impacts lagigregyates and
grinds them against the distributor plate, fracturing them and redistributing the liquid
among the surface of multiple fragments which may then form smaller agglomerates.
These smaller agglomerates are expected to experience reduced mhssatamnansfer
limitations over the larger agglomerates, allowing coking reactions to occur at a faster
rate tharmpreviously experience@li et al., 2010; Weber, 2009T he fluidization gas also
provides kear forces which help to fragment larger agglomerates and distribute them
among the bedeforming small agglomeratéd/eber et al., 2008)

It has been determined that there was a 2 wt% decrease in coke yields as mixing levels
were increasedCoke yields dropped from 27t% at the poorly mixed condition to 25

wt% at the welmixed condition.In addition, apositive correlation has been found
between the cumulative mass of agglomerates and coke yield. This indicates that, at the
well-mixed conditions at 100 RPM, agglomerabreakage and subsequent liquids
dispersion was responsible for the decrease in coke yield. As agglomerates were broken
down and liquid was dispersedquickly, the reductionin mass and heat transfer
limitations reduced the likelihood of colterming side reactiond.he probability that the
differences between the data sets at 0 and 100 RPM can be attributed to random error is
only 11 %.

At short vapor residence timethe liquid yield increased with the increase in agitator
speed and these results are consistent with the results obtained in the Mechanically
Fluidized Reactor Ghapter 2 Liquid yields increased fron%5.5 to 67.5 wt% with
applied bed mixing. A correlatiobetweencumulative agglomeratedistributions and
increased liquid yields indicated that agglomerate destruction and liquid dispersion was
respondble for the increase in liquid yieldsas yieldsof approximately 7.5 wt% were
obtained in the FCR. Gas yieldd#fered by a mere 0.3 wit% between the poanixed

and weltmixed caseas the liquid released from agglomerates did not spend sufficient
time in the vapor phase to crack to gaksom a statistical standpoint, gas yields are not

affected at short residence times, as was seen in the MFR.
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Increased agitator speeds were investigated on this reactor, however, the design of the
mixer blade did not &w for successful experimentation at speeds approaching 200
RPM. The slight penetration of the nozzle tip into the reactor bed did not allow for the
mixer blade to scrape the wall. For this reactor configuratimmixer blade width was
reduced in ordeto prevent nozzle damage. This resulted in a®rlannulus between

the mixer blade and the reactor wall in which fluidization gas was the dominant
mechanism of agglomerate breakage. At agitator speeds of 200 RPM, solids were pushed
towards the wall byhte mixer blade and did not have sufficient time to be dispersed by
fluidization gas in between successive passes of the mixer blade. This resulted in wet
solids being packed against the reactor wall, which eventually led to complete coking of
the solids ad drastically reduced liquid yields. In order to achieve successful bed mixing

at suchhigh speeds, the agitation system requires a complete redesign in ofd#y to

mix the bed while not interfering with the injection nozzle.

Product oil dynamic viscositand average molecular weighteasurements have been
conducted in order to determine the extent of thermal cracking readDdnsscosity

was found to decreadseom 71 to 41 cP with applied bed mixindveragemolecular

weight reduced from 365 to 352 g/mdCombined with agglomerate breakage and the
increase in liquidyield that has been establisheébese results indicate that the liquid
trapped in the gglomerates was more reactive once it had been released and dispersed
across the bed. This more reactive liquid underwent cracking reactions faster than the
bulk of the liquid released during normal coking, leading to an increased yield of lower

viscosity,lower-molecular weight liquid.

3.3.2 Long Vapor Phase Residence Time

Figure 3-6 demonstrates the cumulative mass of agglomeidatger than 600 um at
various residence times and agitator speeds #vident that there was essentially no
impact of vapor residence time on agglomerate distributions at both the-pureg and
well-mixed cases. This was to be expected, as the vapor residence time facilitates vapor
phase cracking reactions, which wemd anticipated to generate significant quantities of
coke or impact the agglomerate distribution.
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Figure 3-6 - Effect of mixing on agglomerate distribution at long vapor residence
time (temperature = 530 °C; vapor phase residence time = 13.0 s)
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Figure 3-7 - Effect of mixing on coke yield at long vapor residence time
(temperature = 530 °C; vapor phase residence time = 13.0 s; p = 0.39)
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Figure 3-7 indicates that coke yield was not signditly impacted by vapor phase
residence time. This is to be expected, as the increased vapor residence time impacts the
cracking of vapor phase products into gas, which should have no discernible impact on
agglomeration or the quantity of coke producedhie bed. Increased bed mixing was
found to reduce the coke yield at both vapor residence tiBased on the known
relation between the cumulative mass of agglomerates and coke yielcedihcsion in

coke yield can be attributed to agglomerate fracture and redistribution of the trapped
liquid.

From Figure 3-8 it was found that mixing reduced liquid yields at prolonged vapor
residence tim& The long residence time employed in this reactor configuration resulted
in vapor phase cracking of both the bulk of the liquid that was produced during normal
coking reactions, as well as the more reactive liquid released from agglomerates. Liquid
yields without a mixer were approximately 65 wt%, dropping to 63 % when mixing was
applied. Overall, liquid yields were lower at prolonged residence times than, as is

expected.
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Figure 3-8 - Effect of mixing on liquid yield at long vapor residence time
(temperature = 530 °C; vapor phase residence time = 13.0 s; p = 0.05)
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Figure 3-9 - Effect of mixing on gas yield at long vapor residence time (temperature
=530 °C; vapor phase residence time = 13.0 s; p = 0.01)

Figure 3-9 illustrates the effects of bed mixing on gas yields at prolonged vapor phase
residence times. Increased levels of mixing have been found to drastically increase the
gas yield. However, this was only found at prolonged resgléintes. At poorlymixed
conditions at 0 RPM the average gas yield was 8.5 wt%, which increased by 2.7 wt%
when agitation was applied. At prolonged residence times vapor phase cracking reactions
were allowed to continue in the freeboard extensions, wheched to convert vapor
products into noitondensable gas. There is a statistically significant increase in gas yield
due to increased agitator spebdaddition, it was observed that gas yields were, overall,
higher at prolonged residence times than tstesidence times. This occurred at poorly
mixed and welmixed conditions. The increase can be attributed to the vapor cracking
reactions converting both bulk liquid produced during coking as well as liquid released
from agglomerates.
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Figure 3-10- Effect of mixing on viscosity at long vapor residence time (temperature
=530 °C; vapor phase residence time = 13.0 s; p 1)
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Figure 3-11 - Effect of mixing on molecular weight at long vapor residence time
(temperature = 530 °C; vapor phas residence time = 13.0 s; p = 0.04)
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As depicted inFigure 3-10, product oil viscosity increased with applied bed mixing at
long vapor residence times. Comparison of means between these data setsdiradica
statistically significant difference in viscosity due to the high reproducibility of the
analysis. At longer residence times, agglomerate fracture and release of liquid coupled
with prolonged vapor cracking reactions resulted in a net decreaseiioh yiglds. The

result of these vapor phase cracking reactions was a concentration of more viscous
products in the vapor phase that were unable to fully react tecomatensable gas,

leading to an overall increase in liquid product viscosity.

Figure 3-11 highlights the impact of mixing on molecular weight at prolonged vapor
residence time. At short residence times, applied bed mixing was found to reduce
molecular weight as the liquid released from agglates was more reactive than the

bulk of the liquid produced during coking. However, at prolonged vapor residence times
there was a reduction in liquid yield and subsequent increase in gas yields, consistent
with vapors being cracked to n@ondensable gas&iven the molecular weight increase

at long residence times, it appears as though the lighter, more reactive compounds in the
vapor phase crack to gas while heavier, higheftecular weight compounds are unable

to react to the same extent, and are camseity concentrated in the liquid product.

3.3.3  Statistical Significance

Table 34 highlights the statistical significance of the impact of residence time on product
yields andquality. It was found that prolged vapor phase residence time had a
significant impact on liquid and gas yields at both the peariled and welmixed

cases. As vapor residence time was increased there was a 92 % probability of a reduction
in liquid yields with a corresponding increasegas yieldsIn terms of product quality,
prolonged residence time decreased viscosity and average molecular weight at the
poorly-mixed caseThese results had2a% probability of being attributed to errdkt the
well-mixed caseyviscosity and molecalr weight increased with prolonged residence
time, with a probability of greater tha¥ %. No significant impact of vapor residence

time on coke yield has been found.
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Table 3-4 - Effect of residence time

Impact of prolonged p-value
residence time
0 RPM
Liquid Yield Decrease 0.08
Gas Yield Increase 0.08
Viscosity Decrease 0.01
Molecular Weight Decrease 0.02
CokeYield Two-tailed 0.69
100 RPM
Liquid Yield Decrease 0.02
Gas Yield Increase 0.00
Viscosity Increase 0.01
Molecular Weight Increase 0.13
CokeYield Two-tailed 0.41

Table 3-5 - Effect of mixing

Impact of increased p-value
mixing
Short Residence Time
Liquid Yield Increase 0.16
Gas Yield Increase 0.40
Viscosity Decrease 0.01
MolecularWeight Decrease 0.02
Long Residence Time
Liquid Yield Decrease 0.05
Gas Yield Increase 0.01
Viscosity Increase 0.02
Molecular Weight Increase 0.04
Average oResidence Times
Coke Yield Decrease 0.09

Table 35 illustratesthe statistical significance of mixing effects at short and long
residence times. At short residence times, increasing bed mixing had an 84 % probability
of increasing liquid yields. Given the agglomerate distributions fauttn this reactor

and associated scatter during replicate experiments, the lower than expected significance
for liquid yields could be improved by upgrading the temperature control on the reactor,
which is likely the cause of the variability in agglonmteréormation under the poorly

mixed conditions. It is anticipated that improved temperature control would lead to
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higher reproducibility in agglomerate distributions under poeoriyed conditions, which

would result in more accurate quantification of tilssaxiated liquid yields. It has been
found that mixing did not impact gas yields at short vapor residence time. It has also been
determined that therevas a minimum of 98 % probability that there were significant

reductions in product oil viscosity and reoular weight with applied bed mixing.

This reactor configuration provided improved nagucibility at prolonged residence
times (Table 35). The liquid yield decrease and subsequent gas yield increase had greater
than 95 % probability of being attributed to mixing. At the same time, viycasid
molecular weights for the liquid samples appeared to increase; both of which had a
greater than 96 % probability of being attributed to mixing. As it has been previously
established that vapor residence time does not impact coke yields, thesetsldiave

been merged to gain a more accurate determination of the impacts of mechanical
agitation. It can be concluded that applied bed mixing had a 91 % probability of reducing

coke yields using this reactand mixer configuration

3.3.4  Comparison Between Fluid Coking Reactor and

Mechanically Fluidized Reactor
Figure3-12 highlights the comparisons between the cumulative agglomerate distributions
found on the Fluid Coking Reactor and Mechanically diied Reactofsee Chapter 2)
Comparing the poorlynixed conditions for both the FCR (0 RPM) and MFR (20 RPM)
indicates the differences in mixer design and use of fluidization in the FCR. Fidie 3
indicates that both reactors yielded comparable agglomerates larger than 4000 pum.
However, agglomerates larger than 9500 um were not as abundant in the FCR, likely due
to the agitation provided by the fluidization gas. An investigation by Weber (2009)
determired that large agglomerates are less stable than their smaller counterparts, and
indicated that 1000@m agglomerates fragment up to 150 % more than 5000 pm
agglomerates. It was concluded that the instability of large agglomerates leads to
extensive fractung into smaller, wet fragments which continue to contact bed coke to
produce small agglomeraté€8veber, 2009) A study by Parveen et al. (2012) also
indicates that gas bubbles contribute significantly to agglomerate breakage, in particular
near the bed surface whegas bubbles explodéParveen, Josset, Briens, & Berruti,
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2012) These results are consistent with the FCR results, as there were fewer 9500+ um
agglomerates than in the MFR, due to fluidization bubbles contributing shear forces

which selectively frgmented large agglomerates. These large agglomerates survived the
MFR at the 20 RPM condition as there was no fluidization gas to contribute shear forces.
It has also been found that there are increased levels of small agglomerates in the FCR
consistentvith large agglomerates fracturing and contaciimividual bed cokeparticles

to reform small agglomerates
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Figure 3-12 - Comparison of cumulative agglomerate distributions for FCR and
MFR under varyin g agitator speeds
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A comparison of both reactors at 100 RPM shows subtle differences asFigeite(

3-12). Both reactors essentially eliminated 4000+ um agglomerates at these mixer speeds
through extesive agglomerate fragmentatiddowever, agglomerates smaller than 1400

pm were significantly more abundant in the FCR than the M#sRthe mixer did not

fully scrape the wall and allowed smaller agglomerates to bypass the mixer blade and
survive A comparison cannot be made at 200 RPM due to the FCR inoperability under
these conditions. It is anticipated that, with a redesign of the FCR mixer to approach that
of the MFR, there would be comparalslgglomerate distributions between the reactors

independent of mixing leve(®ppendix C)

Figure 3-12 shows that the FCR operated at 100 RPM had a cumulative mass of
agglomerates that lies between MER at 20 and 100 RPM. The coke yield for the FCR

at 100 RPM was also found to lie between the coke yields of the MFR at 20 and 100
RPM, due to the nature of agglomeration impacting solid yields. From a statistical
standpoint, the FCR coke yield at 100 RilM not match the MFR at the same mixer
speed, nor at the 20 RPM condition. This result highlights the fact that small differences
in agglomerate distributions have corresponding impacts in coke yields, which would
naturally influence the yield and qualitof liquid produced. The differences in
agglomerate distributions for seemingly comparable conditianve been found to have

significant impacts on yields, leading to difficulties in directly comparing the reactors.

Figure 3-13 demonstrates th@ositive corelation between coke yield and mass of
agglomeratedarger tha 600 um. Both the FCR and MFR results showed a positive
correlation between agglomerates and coke yietticating that coke yield was reduced

as agglomerates were destroyed and dispersed their liquid across the readtayubed.
3-14 demonstrates the negative correlation between liquid yields atreisatence time

and thecumulativemass of agglomerates. It was determined that agglomerate breakage
and liquid dispersion led to an initial increase in liquid yields for both reacibis.
correlation is less pronounced at prolonged vapor phase resitiere® due to the
simultaneous impact of agglomerate breakage and vapor cracking reamtidiggid

yields
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A direct comparison between the coke, liquid, and gas yields cannot be made at present
due to the subtle differences between each reactor. It is likely that differences in injection
may lead tddiffering sizes of initial agglomerates. The MFR injection does not disperse
feed liquid effectively, which may lead to increased agglomerate (Blease et al.,

2008) The FCR nozzle provides a more effective spray, lwkiould theoretically lead

to a decrease in initial agglomerate size. The fluidization within the FCR also leads to an
increased likelihood of the destruction of large agglomerates. In addition, the known
differences in mixer design have been shown tactlyrémpact agglomerate distributions
between the reactors. Given the differences in the cumulative mass of agglomerates
found at 100 RPM in both reactors, it is evident that differences in mixer design do
impact agglomerate destruction with a correspapdimpact on coke vyields. The
relationship between agglomerates and liquid yield therefore poses a challenge in
comparing the liquid yields in the reactors, while slight differences in vapor phase
residence time also impact the conversion of liquids ints. g& such, no direct

comparison can be made between coke, liquid, or gas yields at this time.

3.3.5 Impact of Atomization Degradation

Reductions in atomization gas-liquid ratio (or GLR) were carried out for two specific
reasons. Mainly, it is beneficial toimmize the gas flowrates in order to minimize
atomization gas cost while still maintaining reactor operability. Reactor response to poor
atomization of liquids and the minimum successful GLR can be determined through
experimentation under reduced GLR waithh applied agitation. In addition, it is necessary

to determine whether the agitation system is capable of compensating for poor liquids
injection characteristics, and the corresponding impact on the yield and quality of the
liquid product. This was accghished by reducing the atomization gas flowrate, and
hence the GLR, with applied bed mixing.

The injection nozzle used in this reactor configuration is typically operated atta-gas
liquid ratio of 105 wt%. This GLR provides very effective atomizationtred liquid
droplets, as demonstrated in ogan spray tests. A poor injection GLR of 2 wt% was
selected, as well as an intermediate GLR of 80 wt%. At dagliguid ratio of 105 wt%,

the nozzle provided an even spray with fine bitumen droplets beiatedreAs the GLR
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was dropped, deterioration of the spray quality began. In the range 1080 GLR,

there was insufficient gas flow to fully atomize the bitumen. Bitumen droplets began to
form on the bottom of the nozzle tip and the spray became intedriogt large droplets
being carried intermittently into the spray region. As GLR was reduced further, the gas
flow was insufficient to atomize any of the injected liquid, resulting in bitumen pouring

from the nozzle tip towards the reactor distributor.

When agitation was not incorporated into the reactor, poor atomization conditions and
bitumen dripping resulted in severe operational problems. Without proper atomization,
the injected bitumen experienced poor penetration resulting in agglomerate formations
localized on the nozzle tip. If the fluidization and atomization gases did not immediately
remove the initial agglomerate from the tip, fresh oil was laid down on top of it, resulting
in further contact with bed solids and further growth of the agglomedats. time, fresh

oil was continuously laid down as a large agglomerate around the nozzle tip which began
to further degrade atomization quality and interfere with oil injection. In some instances
the agglomerate continued to grow out and away from thetile allowing for injection

to continue unimpeded. However, more often than not, poor atomization resulted in
agglomerate formations which completely blocked injection and forced the reactor into
premature shudown. The problematic injection resulted dinastically reduced liquid

yields due to feed being trapped in large agglomerate formations.

When agitation was applied to the bed, it was found that injection degradation has no
impact on reactor operability. The mixer was fully capable of compensatingofur
injection that would have otherwise taken the reactor offline. With applied agitation, it
was found that there was no significant difference in liquid yields and product quality
when comparing high and low GLR injections.

As the nozzle tip extendseipond the nozzle jacket in order to promote external mixing,
the tip was susceptible to damage over the course of multiple injections. With near
perfect alignment within the center of the nozzle, the atomization gases were capable of
surrounding the entitg of the nozzle tip and providing an even spray distribution (at 105

wt% GLR). However, any damage to the nozzle tip led to a misalignment, which
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disrupted the normal flow pattern at the tip. In multiple instances, the nozzle tip was
deflected in one diaion, resulting in a loss of proper atomization on that side of the
nozzle. This has beeobservedio cause complete disruption of the atomization flow,
resulting in bitumen dripping from the nozzle tip and into the bed. Under poaxkd
conditionsat 0 RPM, nozzle damage resulted in agglomerate formations comparable to
reduced GLR injection, leading to similar reactor shutdown. However, it has been found
that wellmixed conditions at 10BPM resulted in liquid yields comparable to hiGihR
injection, further reinforcing the advantage of applied bed mixing to reduce agglomerate

formations and redistribute liquid across the reactor bed.

3.3.6  Impact of Temperature

At present, the Fluid CokinBeactor is not capable sfistainedperation at tengraturs

below 530 °C. The reactor could not be reliably operated at a temperature of 510 °C.
Heat and mass transfer limitations within the agglomerates coupled with the-poorly
mixed conditions that were tested led to an increase in the required minimdization
velocity, the consequence being catastrophic defluidization or "bog{rghs et al.,
2003) This loss of fludization led to complete reactor inoperability and solidification of
the entirety of the reactor bed.

In addition, the reactor frequently experienced temperature fluctuations d€a8ich

were believed to result in fluctuations in ttrackingreaction rateVariability in reaction

rates would result in variability in agglomerate distributions for the peurked case

only (as has been observed), as the agitator was fully capable of compensating for severe
agglomeration. The results obtainedaateduced temperature and fluctuations that have
been experienced indicate that improved temperature control is necessary for this reactor
in order to attain increased reproducibility in coke and liquid yields. The MFR (Chapter
2) used anore effetive agitator and induction heating to provimheprovedtemperature

control.
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3.4 Conclusions

The impact of applied bed agitation on Fluid Coking€ agglomerate distributions and
yields has been successfully investigated in a-gitale fluidized bed reactor. Separate
vapor phase residence times have been employed to determine the impacts of vapor phase
cracking on liquid and gas yields. In addition, the impact of bed mixing and vapor phase
cracking on liquid quality has been confirmed using this reactofiguration

It has been found that bed mixing was responsible for agglomerate breakagmimod c

over the agglomerate distribution within the reactor. In addition, agglomerate breakage
has been found to reduce coke yields due to the release and dispersion of trapped liquid
feed. Agglomeration within cokergsults inthe entrapment ofeed bitumenultimately
leadingto reduced liquid yields due to the mass and heat transfer limitations of larger wet
agglomerates. Agglomerate breakage and subsequent liquid dispersion results in
increased vyields of lowiscosity, lowmolecuar weight liquid at short vapor residence
times. However, the liquid released from agglomerates was more reactive and continued
to crack to gas at prolonged vapor phase residence times, reguléirgpncentration of
higherviscosity, highemolecular veight compounds in the liquid phase. This study
highlights the importance of quick agglomerate breakage and feed dispersion in Fluid
Cokers by relating agglomerate destruction to the quantity and quality of liquid product
that can be attained. It has als®@en determined that the mixer system employed on this
reactor was fully capable of compensating for poor liguijelction. Injection degradation
through the use of reduced gadiquid ratios and nozzle damage indicate that the mixer
system allows theeactor to maintain operability under conditions that lead to severe
agglomeration and complete injection blockage. In addition, drastic agglomeration
experienced at reduced temperatures indicate that the reactor requires improved
temperature control in der to attain increased reproducibility of agglomerate

distributions and, subsequently, coke and liquid yields.
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Chapter 4

4  Effects of Bed Mixing on Biomass Fast Pyrolysis

4.1 Introduction

Based on growing concerns of fosiikls depletion and the environmental impact of
burning conventional petroleum fuels for heat and electricity, there is an increasing
interest in obtaining fuels from alternative resources. Biomass pyrolysis isractiae
wasteto-fuels process as it has the capability of converting agricultural and forestry
wastes to useable fuel oil after upgrading and stabilization processes. As pyrolysis
technology matures over the coming decades, it may have the capacitgotoeba

competitive source of fuels and energy in the global market.

Pyrolysis is the thermochemical decomposition of biomass without oxygen. Biomass
pyrolysis involves the fragmentation of higiolecular weight lignocellulosic and
extractive components mtlowermolecular weight solid, liquid, and gaseous products
(Mohan et al., 2006)it has been applied to an extensive variety of raw biomass (such as
wood sawdust, straw and sugardaiteomass components (cellulose, hemicellulose, and
lignin), and waste compounds (such as sewage, construction waste wood, and tires).
Applications of pyrolysis range from wasgi®energy production, pollution control, and
landfill diversion (Dai et al., 2014; J. W. Kim et al., 2014; Martinez et al.,30Ih
biomass pyrolgis, thehigh temperatures thermalbrackthe macromolecular structures

of cellulose, hemicellulose, andghin through primary pyrolysis reactionghese
reactions produce necondensable gases and lowolecular weight compounds which
vaporize and exit the structure, leaving behind the soliechér produc{Bridgwater et

al., 1999; Isahak et al., 2012Jeves et al., 2011)Pyrolysis yields and product
composition are directly impacted by reactanperature, heating rates, particle size, and
reactor configurationas well aghe relative abundance of hemicellulose, cellulose, lignin
and ash within the biomass feedstagkcomprehensivanalysisof biomasspyrolysisis

provided in Chapter 1.
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An investigation into lignirpyrolysis in a fluidized bed reactor indicated severe patticle

bed mixing phenomenon that can occur with certain feedstock. It was found that, due to
the low melting point of lignin, particles begin to heat up and melt even before injection
is achieved. Tis study concluded that pneumatic injection of lignin into a fluidized bed

as essentially impossible due to the plugging of injection [[Nesvakowski et al., 2010)

The intermittent solid slug feeder system has been investigated in several recent studies,
with feedstocks of sawdust, tucuma seeds, and meat and bone meal (Berruti, Ferrante,
Berruti, & Briers, 2009; Berruti, Ferrante, Briens, & Berruti, 2012; Lira et al., 2013).
This technology has been demonstrated to provide effective and consistent feeding rates
without issue. Recent work by Gooty (2013) investigated Kraft lignin pyrolysis in a
fluidized bed reactor using the intermittent feeder system. It was foundigmah
particles that are successfully fed to the fluid bed experience immediate agglomeration
with bed particles, resulting in severe blockages and catastrophic defluidization. Applied
medianical agitation demonstrated the capacity to destroy agglomerates, allowing for
continuous pyrolysis to be carried d@ooty, 2013) However, mechanical agitation for

this system was an absolute necessity to facilitate prolonged injectiomoarfdlly

investigated to determine any subsequent impacts on the pyrolysis process.

The Fluid Coking process and fluidized bed pyrolysis share several similarities. Both
processes employ a fluidized bed reactor at elevated temperatures to perform thermal
cracking reactions in the absence of oxygen. The fluidized bed of heat carrier is used to
provide effective mixing and heat transfer between the feedstock and bed material. In
Fluid Coking, the feed liquid trapped in liqusblid agglomerates undergoesnpary
cracking reactions which produce lowmplecular weight components. These vapors
diffuse out of the agglomerates, and may undergo intraparticle secondary reactions which
increase the coke yield. In biomass pyrolysis, it is the solid particles themsehich
undergo primary cracking reactions to produce vapor products. As with Fluid Coking,
heat andnasstransferlimitations result in intraparticle secondary reactions which reduce
liquid yields and increase the production of solid char. Both prosessgloy short
vapor residence times to limit vapphase secondary reactions which convert valuable
vapor products into neoondensable gas. Though biomass pyrolysis utilizes a solid

feedstock, compared to liquids injection in Fluid Coking, the simiaritietween the
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processes allow for biomass pyrolysis to be carried out in a Fluid Coking reactor to
further develop an understanding of the impacts of applied bed mixing on the yield and

quality of liquid products.

The objective of this studis to deermine the limitations of a Fluid Calg Reactor in
pyrolysis configuration. The liquid injection systeis replaced with a pulsed solid
injection system that Isaalready been shown to provide better mixing of the feedstock
powder with the bed pactes than can be achieved with a standard screw f¢Bdenuti,
Ferrante, Briens, & Berruti, 20123pecifically, the impact of applied partidded mixing

is to be determined in a neagglomerating sstem, in contrast to previous studies on
agglomerating systems. Quantification of the impact of bed mixing on the yield-oil bio
is confirmed at various operating conditions. In addition, analisisarried out to
determine the effect of mixingn the chemical composition of the produced-diio
Finally, this studydemonstratethe influence of particle size on liquid yield production,
while validatingthat smaller particles can be successfully injected using the existing

feeder syem.

4.2 Experimental

42.1 Materials

Birchwood was used as the feedstock for pyrolysis. Initial experimentation was carried
out using a larger particle size of 5600 ...m. This particle size falls within the
acceptable range of particle sizes for fast pyrolysisthEBu experimentation was carried

out using a reduced particle size of 485 ...m. This particle size approaches the
limitations of the feeding system, as smaller particles become more cohesive and hinder
continuous feed rates. In addition, as particlee Sz reduced, the particle terminal
velocity approaches that of the fluidization velocity in the reactor. It is expected that
particles below 150 ...m will be elutriated from the bed before reacting fully. This would
result in particles accumulating on theactor filter system, which would decrease the
residence time of the evolved vapors and negatively influence the liquid yields observed
during experimentation. Specifications for the birchwood feedstock are illustrated in
Table4-1.
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Table 4-1 - Birchwood specifications

Larger Smaller
Particle Size Particle Size

Particle Size Range nm 500-600 150225
Moisture Content wt% <10
Ash Content wt% ~1.63
Ultimate Elemental Analysis:
Carbon wt% 55.66
Hydrogen wt% 3.71
Nitrogen wt% 0.16
Sulphur wt% 0.00
Oxygen (by difference) wit% 40.47

Nitrogen was utilized as fluidization, carrier, and pulse gas to obtaioxggenfree
atmosphere for pyrolysis. The reactor bed was composed of silica sand having a particle
density of 2650 kg/rhand Sauter mean diameter of 150 ...m. Total bed mass was held

constant at 1.500 kg for each experiment.

4.2.2  Experimental Apparatus

Experimentation was carried out using a pgoale Fluid CokingReactor Figure 4-1).

The pilotscale system consists of a cylindrical fluidized bed reactor with an internal
diameter of 0.076 m and total height of 0.594 m. The unit was operated at atmospheric
pressure, with operating temperatures of 500 °C and 550 °C. The reast@quipped

with five Watlow mica electric band heaters. Fluidization gas was preheated using an
Omega AHP3742 inline air heater. Reactor temperature control was provided by eight
type K thermocouples, with accompanying HoneywdIDC200 Mini-Pro Digital

controllers.
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Figure 4-1 - Fluid Coking Reactor in pyrolysis configuration

Fluidizing gas was injected at the base of the reactor through a perforatedgdagn
consisting of terporousdisks. The porousdisks are arranged in a ring at the base of the
mixer driveshafiFigure4-2) and have a pore size of 40 ..Time remaining gas entered
through the solids feeding port, located 0.10 m above the distributor. The mixing system
was mounted on the bottom of the reactor, with the driveshaft located in the center of the
reactor flange Kigure 4-2). The mixer blade was driven by an electric varisdgeed
motor, allowing formechanical agitation speedanging from 0to 200 RPM. The mixer
blade orientation in the reactwas such that it scraped the wall of the reactor and drew

solids into the center of the bed.
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Figure 4-2 - Fluid Coking Reactor mixer assembly

4.2.3  Experimental Procedure

When operating in pyrolysis configuration, the fluid coking reactor utilized an
intermittent solid slug feeder systéBerruti et al., 2012)A solids storage silo was fitted

to the top of the reactor and contairedixer system to prevent solids bridging, which
results in undesirable fluctuations in feedrate. The silo was equipped with a pressure
regulator which maintained the silo pressure slightly above that of the reactor. This was
incorporated to prevent the dddlow of hot solids from the reactor, through the feeder
system and into the silo. Directly under the silo was a pneumatmetiated pinch
valve, controlled by a system of solenoid valves (Granzow Inc. 21EN) and a relay timer
(IMO iSmart Relay). Nitrogn pulses were delivered to the feeding tube using
pressurized 80 mL steel canisters controlled by solenoid valves and the relayrtimer.
relay timer opened the pinch valve for a short interval. During this time, a slug of
biomass dropped through the ginvalve into the feeding tube, and the valve closed. As

the slug entered the feeding tube, a nitrogen pulse propelled the biomass slug along the
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tube and into the reactor. In addition, a continuous flow of nitrogen was supplied along
the feeding tube torpvent solids backflow and ensure that all of the biomass entered the

reactor.The feeder system is depictedrigure 4-3.

Figure4-3 - ICFAR intermittent solid slug feeder syst%m

As the biomass entered the reactor, the slug disintegrated and dispersedcsotidghe
reactorbed. At the elevated temperatures in the reather biomass thermally degraded

into vapor and gas producthrough primary cracking reaction®\ solid charwas
deposited on the bed coke particles. As the vapor products travelled up the reactor, they
continued to undergo sendary cracking reactions in the gas phase. The product vapors
travelled up through the freeboard before exiting through dilkert (Figure 4-4). The

2 Reprinted fromlournal of Analytical and Applied Pyrolysi84,Berruti, F. M., Ferrante, .| Briens, C, &
Berruti, F.,Pyrolysis of cohesive meat and bone meal in a bubbling fluidized bed with an intermittent
solid slug feederl53162, Copyright (2012)with permission from Elsevier.



Figure 4-4 - Pyrolysis process diagram
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product line exiting the reactor was maintained at 200 °C using dpigdeheat
exchange with heated air. This temperature has been found sufficient to reduce secondary

reactions, while eliminating backpressure issues caused by vapor product condensation.

Immediately after the reactor were two cyclonic condensers in series, immersed in an ice
water bah (Figure 4-4). Heavy fractions of the oil were collected in the bottom of the
condensers, while necondensable gases and entrained mist continued deamgt an
electrostatic precipitatoWithin the ESP, a voltage of 15 kV was applied between the
electrode and ESP wall, resulting in ionization of the gas around the electrode through
corona discharge. The entrained mist entering the ESP was chargesl ibyited gas,

and the electric field around the electrode forced the charged mist to the wall. Mist
condensed on the wall and drained to the bottom of the ESP for colleEiiemon
condensable gases continued through a cotton filter and were vented to atmosphere.

For this study, the impacts of applied fluid bed mixing weagried out under two
separate temperatures with two separate particle sizes. Separate temperature and particle
sizes were tested to ensure that the impacts of mixing, if any, were reproducible under
various reactor operating conditions. For all caseglpsis was performed on 0.300 kg

of biomass, with a feed rate of 1 kg/h and a vapor residence time of 0.8 s. The

experimental procedure was as follows:

1. Initial experimentation was carried out at 5%D without the mixer to determine
the baseline liquid ylds. A particle size of 506600 um was used.

2. Experimentation was performed at 58D with the mixer blade held stationary in
the path of the solids injection port. This was performed to determine if impaction
of solids onto the blade resulted in improvesdpdrsion of the injected biomass
particles. A particle size of 56800 um was used.

3. Pyrolysis was then carried out at a temperature of 858t 60 and 100 RPM to
determine the impact of applied solids mixing. Pyrolysis was accomplished using

a particle e of 500600 pm.
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4. Experimentation was then carried out at a reduced temperature o€5@§ing
500-600 um biomass. A variety of mixing speeds were used to confirm the impact
of applied bed mixing at this temperature.

5. A reduced patrticle size of 1525 pumwas used at a temperature of 580 with

and without bed mixing.

Statistical analysis has been performed to determine the impact of mixing under each
operating condition. Significance has been tested using d@adeé comparison of
means. Statistical gnificance is reported through the use oefgtues; these values
represent the probability that any differences between the data sets can be attributed to

random error.

4.2.4  Analysis

Analysis was carried out to characterize the impact of increased pasdutfaixing on

the chemical composition of collected fmd samples. Bieoil was analyzed for water
content, as well as concentrations of levoglucosan, acetic acid, and hydroxypropanone, as
these are typically the abundant products of cellulose and hemiselldiegradation.

Water content was determined using a Mettler Toledo V20 Volumetric KF Titrator.
Concentrations of levoglucosan, acetic acid, and hydroxypropanone were determined
using a Shimadzu G€010 equipped with an AGC0i+s Autosampler.

4.3 Results and Discussion

431 Liquid Yield

The pyrolysis process laid down behar on the bed sand and produced a dark brown
liquid bio-oil exhibiting slight phase separation. Initial experimentation with a stationary
blade indicated that there was no increase in liquidiyasla result of particle impaction

on the stationary blade. As such, these values for a stationary blade have been combined
and reported as the poortyixed case represented by 0 RPM. As mechanical agitation
was applied to the bed, the reactor systemuymed liquid yields as shown Figure4-5.

Initial experimentation at a temperature of 550 °C with-600 um particles produced

average liquid yields of 51.3 = 3.0 wt%. Over the range-60 RPM, therewas no
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difference in liquid yield. Between 6000 RPM, the slight increase in liquid yield does

not represent a statistically significant change. It can be concluded that there was
essentially no improvement in liquid yield to be gained through increaseidi@bed

mixing beyond the alreadgffective mixing achieved with the pulsed feeder, which

propels the biomass particles into the central,-agifated region of the fluidized bed.
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Figure 4-5 - Effect of temperature on birchwood fast pyrolysis (particle size = 500
600 MM; Psso = 0.39;p500: 079)

Experimentation at 500 °C with 5@D0 um particles cdimmed a negligible impact of
feedstockbed mixing at separate operating conditidrigjre 4-5). Over the range of-0

60 RPM, there was minimal difference in liquid yield. Statistical analysis between the
data sets indicated that liquid yields are not impacted by applied bed mixing. In addition,
it was demonstrated that increased liquid yields could be attained at a temperature of 500
°C. Liquid yields were determined to be 57.0 = 1.7 wt% at this temperatsignificant
improvement over 550 °C.

Extensive research has been conducted into the effects of temperature on various
feedstocks. Most biomass experiences maximum liquid yields within the range-of 500
550 T (Akhtar & Amin, 2012; Mohan et al., 2006Yacuum pyrolysis of birchwood at a
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temperature of 500C has been studied recently, with liquid yields of 53.9 wt% being
reported(Murwanashyaka et al., 2001Fhis was found to be slightly reduced over the
above 500 T results, however, the discrepancy can be attributed to the method of
pyrolysis and the particle size used. Vacuum pyrolysis is known to produce reduced
liquid yields compared to ablative and fluid bed pyrolyzers due to the slower heating
ratesused, as well as the larger particle sizes that are typical of this p(Bcekpvater

et al., 1999) Maximum liquid yields of birch pyrolysis oil have previously been found at

a temperature of 500C, which is in agreement with the above res(Drummond &
Drummond, 1996)
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Figure 4-6 - Effect of biomass particle size on liquid yield (temperature = 550 °C)

Pyrolysis carried out using antperature of 550 °C with a reduced particle size of 150
225 um again indicated a negligible impact of additional feeddtedkmixing on liquid
yields (Figure 4-6). These results confirmed that increaseixing between feedstock
particles and bed sand provided no impact on liquid yields for theagglomerating
system. While the reduction in particle size was found to have no discernible impact on

the feed system operation, d yields were slightly improved. Average liquid yields
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using 150225 um particles were 55.4 + 1.4 wt%, an increase of 4 wt% over the larger
particle size. Comparison of means between the biomass particle sizes indicated a

statistically significant improvement in liquid yields witire more finelyground feed.

Thereduction in liquid yield experiencaghenbiomass particle size was increased from
150-225 um to 506600 um is attributed to internal heat and mass transhéations.
Larger particles are more likely to experience temperature gradients and hinder diffusion
of moisture and primary cracking products from inside the partiséhak et al., 2012;
Neves et al., 2011 his has the effect of increasing the intraparticle secondaryygisol
reactions, which have a tendency to produce higher yields ed¢haio and permanent
gases through a variety of chemical reactions. The reduced particle size-2#25Lpn
experiences less intraparticle secondary reactions, leading to increasegiétfiscover

the 500600 um particlegNeves et al., 2011)

In addition, there is the possiityl of the smaller particle size experiencing elutriation
from the bed before reacting fully. Although the 150 um partitiage a terminal
velocity greater than that of the bed fluidization velocity, it is possible that particle
shrinkage or reduicn in particle density could occur during pyrolysis, leading to the
elutriation of reacting particles into the freeboard and onto the reacto(fkerdsson &
Pettersson, 2002)f this were to occur, it would lead toraduced vaporesidence time

of the primary pyrolysis products, serving to increase the liquid pwtd what would be
expected.

4.3.2 Composition

Slight phase separation was exhibited in the collectedibsamples. All samples were
found to have a pH in the range of -33, with slightly more acidic oil being collected
within the ESP. Analysis indicated an average water content of 8.9 £ 1.0 wt% of the bio
oil sample. Birchwoodlerived pyrolysis oil with a reaction water content of 8.0 wt% has
been reported in literature, which is in agreement with the above findings
(Murwanashyaka et al., 2001)o discernible impact on water content was found as a

result of increased mixing, as seerFigure4-7.
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Figure 4-7 - Effect of mixing on bio-oil composition (temperature = 550 °C; particle
size = 5@-600 pum)

As acetic acid and levoglucosan are among the most abundant compounds present in bio
oil, their concentration has been determined usingMEBIFID analysis.Figure 4-7
indicates the concentratisof water and GBAS/FID detectable compounds from fnd
obtained at 550C using 508600 um particle sizes. Acetic acid and levoglucosan were
found to be the most abundant compounds, respectively. Acetic acid represents 49.7 wt%
of the detectable fracth, while levoglucosan encompasses another 8.9 wt%.
Hydroxypropanone, and phenolics were also found to be in abundance, and represent
roughly 5.6 and 2.3 wt% of the GK8S/FID detectable fractions. It was found that the
composition of these compounds werd Mmpacted by partickeed mixing in any way,

as the ratio of their concentration at 100 RPM compared to 0 RPM was essentially unity.
These results indicate that increased mixing within the reactor leads to no drastic changes
in the pyrolysis process.
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Figure 4-8 - Comparison of GGMS/FID data for (a) replicate experiments, and (b)

varied mixing speeds (temperature 550°C; particle size = 500600 um)

Mass spectroscopy data overlays are showhigare 4-8@) andFigure 4-8(b). These
overlays demonstrate that the variability among replicate expesmexd roughly equal
to the variability as different bed mixing levels were udddltiple overlays conducted
using replicate experimentgrovide confirmation that effective particle mixing was
already present within the fluid bed, and applied agitatirovided no discernible impact

on bic-oil composition.
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4.4 Conclusions

It has been determined that, in a raglomerating system such as birchwood pyrolysis,
the addition of mechanical agitation affords no increase in liquid yields. In addition, it has
been found that there was no appreciable impact of applied pasgdanixing on the
composition of the product bioil. These results demonstrate that, for effective pyrolysis
of nonagglomerating lignocellulosic biomass in a fluid bed reactor, operatiragreters

such as temperature and particle size require optimization while bed mixing affords

limited improvements.

It has also been found that the intermittent solid slug feeder system was fully capable of
injecting small particle sizes, with no degradatiof feed quality. This indicates that
future biomass pyrolysis studies using this feeder technology are capable of optimizing
feed particle sizes down to a limit of 150 um without experiencing injection degradation.
It appears that the use of a feediygtem which disperses n@gglomerating biomass
upon injection, in conjunction with a fluidized bed pyrolyzer, is an effective system upon

which particlebed mixing cannot be improved.
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Chapter 5

5 Conclusions and Recommendations

5.1 Conclusions

The Mechanically Fluidized Reactor has been successfully designed and implemented to
investigate bitumen thermal ciaog using multiple vapor phase residence times
simultaneously. Experiments were conducted to deternthe impact of applied bed
mixing and vapor phase residence time on Fluid Coking€ yields, as well as the quality
of liquid product. In addition, bitumen thermal cracking was conducted using a pilot
scale Fluid Coking Reactor to verify the impacts of bexing and vapor residence time
using a fluidized bed system. Finally, birchwood pyrolysis was investigated using a
fluidized bed reactor to determine the impacts of parbelé mixing using a non
agglomerating feedstock and provide contrast to theoaggating bitumercoke system.

The main conclusions of the research are as follows:

1. In the agglomerating system of bitumen thermal cracking, applied mechanical
agitation led to a drastic reduction of agglomerates of varying sizes. The shear
forces presentin a fluidized bed are insufficient to attain the agglomerate
distribution that was developed through the use of applied bed mixing. Liquid feed
that was trapped in agglomerates was released and redistributed across smaller
fragments, reducing the massdaheat transfer limitations imposed by larger
agglomerates. Consequently, this resulted in a decrease in coke vyield.

2. The liquid released from bitumeroke agglomerates had a lower viscosity and
molecular weight than the bulk of the liquid produced duriogmal coking. At
short vapor residence times, this resulted in increased yields of-\useesity,
lower-molecular weight liquid products.

3. The liquid released from agglomerates was more reactive than the bulk of the liquid
produced during normal coking.tArolonged vapor phase residence times, the
higher reactivity resulted in increased vapor phase cracking inte@omaensable
gas, increasing the gas yield and reducing the liquid yield. As the released liquid
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cracked to gas, this led to a concentratibmedractory, highewiscosity, higher
molecular weight compounds in the liquid product.

4. In the noragglomerating system of birchwood pyrolysis, applied bed mixing had
no discernible impact on pyrolysis oil yields. In addition, bed mixing has been
found tohave no impact on the chemical composition of the product oil. It appears
that the use of a feeding system which dispersesaggiomerating biomass upon
injection, in conjunction with a fluidized bed pyrolyzer, is an effective system upon

which particlebed mixing cannot be improved.

5.2 Recommendations

In the Fluid Coking Reactor, it was determined that liquid injection at a reduced
temperature of 510T resulted in severe agglomeration and reactor inoperability.
Temperature fluctuations of + € were alsmbserved, leading to increased scatter in the
agglomerate distributions for the poertyixed case. However, the Mechanically
Fluidized Reactor had improved temperature control (£Band experienced higher
reproducibility of agglomerate distributionsu@ntification of the impact of temperature

on agglomeration would provide improved confidence in the solid and liquid yields,
leading to anore developednderstanding of the impacts of bed mixing and vapor phase
cracking. It has been shown that fmrmature may play a slight role in agglomerate
stability, and that industrial Fluid Cokers have been operated at elevated temperatures to
avoid defluidization(House et al., 2004; Weber, 2009here is a need for temperature
control improvement on both the MFR and FCR in order to investigate the impact of
temperature on agglomerate distributions under consigparating conditions. This can

be accomplished by the following procedure:

1. Improve MFR temperature control by detéming the steadygtate power
requirements of the reactor duriegntinuousinjection. The reactor is currently
operated using an ewff control which responds to fluctuations, but can be
improved upon to provide a more steady power supply. In the proposed mode of
operation, instead of setting the desired reactor temperaturbg#tieg power

level would be set to achieve a reactor temperature in the desired range. It is likely
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the reactor temperature would be much more stable, although it might change
slightly during replicate experiments (as heat losses may vary from day to day)

2. Validate the improvements in reactor temperature control by performing MFR
coking experiments under short vapor residence timeb (g, poor mixing
characteristics (20 RPM) and a temperature of 530 °C. A temperature of 530 °C is
suggested to verify thegglomerate distributions under these conditions and
determine if temperature control improvement affords further reductions in
scatter. Poor mixing characteristics in the MFR are the most representative of
agglomerate distributions that are found in theRE@hile short vapor residence
time allows for quantification of the liquid and gas yields without significant
vapor phase cracking which would interfere with the results.

3. Perform coking experiments under varied reactor temperature to determine the
impact of temperature on agglomeration. A range of temperatures from 510 to
550 °C are suggested to determine the limit of reactor operability as well as the

temperature that is required to avoid severe agglomeration issues.

In the bitumercoke systems, it wasetermined that there were unvaporized liquids
trapped in agglomerates in the poemyxed case. It is recommended that an
investigation be undertaken to optimize the bed drying time, in order to determine the
total amount of trapped liquid that can be asled and its subsequent impact on yields
and liquid quality.

It was determined thahe differences in agitator design may have had an impact on
agglomerate distributions. This was due to the FCR design requiring a gap between the
mixer blade and reactorall to prevent nozzle damage. It is recommended that the mixer
blade be modified on the FCR to scrape the wall while still accommodating the injection
nozzle. This will allow for comparable agglomerate distributions between the reactors,

allowing for a moe in-depth determination of the impacts of vapor phase residence time.

In the nonragglomerating system using birchwood pyrolysis, it was determined that the
feeder system and fluidized bed combination were effective at dispersing biomass upon

injection, with essentially no improvements to be gained through increased bed mixing. It
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would be advantageous to investigatelegradation in feed dispersion, similar to the
degraded liquid injection studied in the FCR. It is recommended that injection
deteriorations studied without the bed mixing system to determine how the fluidized bed
responds to poor biomass injection, and the corresponding impacts on the yield and
quality of the liquid pyrolysis oil. This would provide information as to whether the
inherent mxing within a fluidized bed is capable of compensating for poor initial
dispersion of noragglomerating biomass, and consequently determine if bed mixing has
the potential to improve dispersion in a ragglomerating system or not.
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Appendix A .. MFR Induction System

The Mechanically Fluidized Reactor and tube reactor have been designed and built with a
custom induction heating system. Each system was comprised of an 1800 W induction
heater (Hannex, Hong Kong, China). Temperature readings for the reaceoacquired

using four type K thermocouples, one -811 thermocouple input (National
Instruments, Austin, TX), and one 19485 8channel solid state relay (National
Instruments, Austin, TX). A program created in the LabWindows€/CVI platform
(National Irstruments, Austin, TX) collected the temperature signals and useff on
control to power the induction heaters.

Both the MFR and tube reactor were fabricated from stainless Atémfer of ceramic
fiber insulationwaswrapped arouth the body of the reactors, followed the induction
wiring. Theceramicinsulation was used to protect the induction wiring from overheating,
as reactor surface temperature overshois temperature tolerance of the induction

wiring before a steadgtatetemperature can be attained.

The induction heating system was capable of reaching temperatures of 530 *35n 30
minutes for the MFR, and 180 minutes for the tube reactor. The MFRuiegd a longer
heating time due to the thermal inertia of the reactor and bed material (0.400 kg of
petroleum coke). Temperature fluctuations in the MFR rarely exceede@ fwhile the

tube reactor was maintained within +&.
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Table A-1 - Induction system specifications

Induction Power SupD’ry

Wattage 1800 W
Frequency 33 kHz
Data Acquisition and Contrdl

Thermocouple Input Module NI-9211

Solid State Relay NI-9485
Induction Wiring

Wiring specifications 450 C high temperature braided wiré4 AWG
Total wire length per system 12 m
MFR wiring 24 loops
Tube reactor wiring 38 loops

lHannex, Hong Kong, China
2National Instruments, Austin, TX
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Figure A-1 - MFR system temperature control



100

Appendix B .. Proposed FCR Mixer Design

Figure A-2 - FCR mixer redesign for improved solids mixing



101

Appendix C ...Permission to Reprint Figures
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